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ABSTRACT 

The Mass and Energy Balance requirements for the production of potable 

water quality starting from sea water are presented. On the basis of 

economics of the process, a twenty (20) stage flash (MSF) plant analysis is 

presented for the production of 1,500m3 of potable water from sea water as 

required. The overall analysis seems attractive. 

The design of the nine pre treatment units and product storage tank are also 

presented. The quantitative block diagram as presented shows the mass of 

constituents of the sea water entering and leaving each stage of the process. 

The process product make-up stage standardizes the water produced to the 

World Health Organization (WHO) standard for safe drinking water. 

Also, the break Even Point Analysis predicts N11,958,700 corresponding to 

a production rate at which profit begins to accrue at 538m3/day. 

The result of the Annual Net Profit is N73.42 million, and ROR is 42.80%. 

On the overall, the analysis looks attractive.  
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CHAPTER 1 

INTRODUCTION 

1.1 BACKGROUND STUDY 

Since early times, man has been intrigued with the possibilities attendant on 

simple, economic processes for the conversion of saline water to products 

useful to man, particularly for satisfying ever-growing needs for water for 

personal, industrial, or agricultural uses. Fresh water is an absolute necessity 

to most form of animal and plant life found on land and especially to the 

most useful forms. It is more vital even than food, because without good 

water food cannot be grown. Villages, towns, cities and civilizations have 

therefore flourished only where there was fresh water. 

 

It was in realization of the above that sea water distillers came into operation 

since the end of the 19th century. The need for distilling sea water becomes 

more important because over three-fourth of the earth’s surface is covered 

by saline water and in recent years, however, the discovery of minerals, 

particularly oil. In fact, the spectacular growth of the desalination process 

was mainly due to the discovery of oil in arid countries. The oil provided a 

pressing reason for people to live in places which, because of the lack of 

water, had hitherto been considered virtually inhabitable. 
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1.2 STATEMENT OF (DESIGN) PROBLEM 

The Government and its Agencies – both at the Federal, State and Local 

levels have not been able to provide adequate and clean water supply for the 

people of this country (Nigeria), despite the huge portion of the budget 

allocated each year towards providing adequate and clean water supply. In 

spite of the huge water resources abundant in our country, this inadequacy 

seemed to drive people to look for other sources of water supply. Also the 

poor maintenance of the existing water supply projects seemed to be another 

primary factor for people to seek other means of providing potable water 

supply. Citizens who can afford it and communities that are able to jointly 

contribute funds go for water borehole projects. These boreholes are most 

times contaminated and rarely meet up the World Health Organization 

(WHO) standards for drinking water, especially in oil producing 

communities like Onne in Rivers state and its environs. The indiscriminate 

sinking of these boreholes will certainly be a problem in the near future. 

More so, the maintenance of the government water borehole and other water 

projects is very irregular and expensive that the lean financial resources of 

the state, companies and individual are virtually wasted. An optimized 

design of a desalination plant for production of potable water from sea water 

around the Onne axis will stop the rush for indiscriminate sinking of private 
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boreholes, eliminate water borne diseases among the citizenry and provide 

clean, potable, affordable and safe drinking water for the people. Hence the 

need for this design project- on design of a plant for the production of 

10,000 m3 pay day of potable water from sea water (desalination process). 

 

1.3 Plant Location 

The plant is located in a town called Onne, situated at Ogu in Rivers state. 

The town is a side-arm to Bonny River and lies close to the Atlantic. In 

making the choice of location, the minimum cost of production and 

distribution of finished product had been considered. These values led to 

choosing the Eastern coast of Nigeria. The possible places in this region are 

Bonny Island, Bayelsa, Onne, etc. The possible place Bonny Island was 

rejected, due to the fact that it is congested on shore and as such, the plant 

will be confined to an area without room for expansion. The much usage of 

Bonny for water transport also renders using the shore and its environs for 

such a gigantic project inadequate. Bayelsa on the other hand is not suitable 

due to the fact that such a location will lead to the problem of laying 

distribution pipes through highly swampy areas which will involve huge 

cost. 
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Onne is one of the most economically favourable positions along the coast 

with abundant supply of the raw materials, sea water. It has a low industrial 

density and two sea ports, making it cheap for importation of equipments 

and other materials that cannot be sourced locally. It gives the shortest 

distance to the market at Port Harcourt for the potable water and enjoys a 

privilege of not passing through big urban centers and highly elevated areas. 

This helps in reducing the cost of pumping and achieves minimum 

distribution cost. Its climate being that of the coast has highly favourable 

supply of cool air for both condensing and stripping jobs along the process 

line. The Carbon dioxide and Bromine being stripped by air can be flared in 

chimneys with little or no hazardous effect to the surrounding which enjoys 

windy atmosphere. Again due to the environment, the concentrated Brine 

finally let off can be dried and sent to the nearby Fertilizer Company at the 

same Onne town. The plant being in continuous process or operation 

requires only a few hands and only during maintenance will engineers be 

needed. For the operation, technicians can be trained on the job to man the 

controls and much of the unskilled labour which can be provided by local 

people will be used in transportation of materials within the plant. Due to its 

enviable position, the plant enjoys two basic modes of transport; on land and 

water. The later can be used to transport equipments, chemicals and 
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personnel. The area is provided with power supply adequate for the plant 

consumption. 

 

Onne is one of the least swampy regions along the coast thereby reducing 

the problem of submergence. Its location also allows for easy construction of 

a channel to the sea necessary in order to control the undissolved solids in 

sea water. Though it does not enjoy much of the recreation in urban centers, 

it provides school for the employee’s children. These qualities of Onne have 

therefore led to its location of the plant which is done near the source of raw 

material since the less the distance of raw sea water handled, the less the 

production cost.  
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CHAPTER 2 

LITERATURE REVIEW 

2.1. DEFINITIONS 

Desalination, desalinization, or desalinisation refers to any of several 

processes that remove excess salt and other minerals from water. More 

generally, desalination may also refer to the removal of salts and minerals, 

as in soil desalination.  

Water is desalinated in order to convert salt water to fresh water so it is 

suitable for human consumption or irrigation. Sometimes the process 

produces table salt as a by-product. It is used on many seagoing ships and 

submarines. Most of the modern interest in desalination is focused on 

developing cost-effective ways of providing fresh water for human use in 

regions where the availability of fresh water is, or is becoming, limited. 

Large-scale desalination typically uses extremely large amounts of energy as 

well as specialized, expensive infrastructure, making it very costly compared 

to the use of fresh water from rivers or groundwater. The large energy 

reserves of many Middle Eastern countries, along with their relative water 

scarcity, have led to extensive construction of desalination in this region. By 

mid-2007, Middle Eastern desalination accounted for close to 75% of total 
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world capacity. The world's largest desalination plant is the Jebel Ali 

Desalination Plant (Phase 2) in the United Arab Emirates. It is a dual-

purpose facility that uses multi-stage flash distillation and is capable of 

producing 300 million cubic meters of water per year. A January 17, 2008, 

article in the Wall Street Journal states, "World-wide, 13,080 desalination 

plants produce more than 12 billion gallons of water a day, according to the 

International Desalination Association.  

2.2 METHODS 

Water desalination methods include; 

 Distillation 

-Multi-stage flash distillation (MSF) 

-Multiple-effect evaporator (MED/ME) 

-Vapor-compression (VC) 

 Ion exchange 

 Membrane process 

-Electrodialysis reversal (EDR) 
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-Reverse osmosis (RO) 

-Nanofiltration (NF) 

-Membrane distillation (MD) 

 Freezing 

 Geothermal desalination 

 Solar humidification (HDH,MEH) 

 Methane hydrate crystallization 

 High grade water recycling 

 Seawater greenhouse 

The most frequent seawater desalination techniques are Distillation or 

Thermal desalination and Reverse Osmosis or Membrane desalination. 

As of July 2004, the leading method is multi-stage flash distillation (85% of 

production worldwide). The traditional process used in these operations is 

vacuum distillation—essentially the boiling of water at less than atmospheric 

pressure and thus a much lower temperature than normal. This is because the 

boiling of a liquid occurs when the vapor pressure equals the ambient 

pressure and vapor pressure increases with temperature. Thus, because of the 

reduced temperature, energy is saved. 
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Schematic of a multi-stage flash desalinator 

A - Steam in 

B - Seawater in 

C - Potable water out 

D - Waste out 

E - Steam out 

F - Heat exchange 

G - Condensation collection 

H - Brine heater 

 

In the last decade, membrane processes have developed very quickly, and 

most new facilities use reverse osmosis technology. Membrane processes 

use semi-permeable membranes and pressure to separate salts from water. 

Membrane systems typically use less energy than thermal distillation, which 
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has led to a reduction in overall desalination costs over the past decade. 

Desalination remains energy intensive, however, and future costs will 

continue to depend on the price of both energy and desalination technology. 

 

2.3 COGENERATION  

Cogeneration is the process of using excess heat from power production to 

accomplish another task. In the sense of desalination, cogeneration is the 

production of potable water from seawater or brackish groundwater in an 

integrated, or "dual-purpose", facility in which a power plant is used as the 

source of energy for the desalination process. The facility’s energy 

production may be dedicated entirely to the production of potable water (a 

stand-alone facility), or excess energy may be produced and incorporated 

into the energy grid (a true cogeneration facility). There are various forms of 

cogeneration, and theoretically any form of energy production could be 

used. However, the majority of current and planned cogeneration 

desalination plants use either fossil fuels or nuclear power as their source of 

energy. Most plants are located in the Middle East or North Africa, due to 

their petroleum resources and subsidies. The advantage of dual-purpose 

facilities is that they can be more efficient in energy consumption, thus 
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making desalination a more viable option for drinking water in areas of 

scarce water resources.  

 

 

Shevchenko BN350, a nuclear-heated desalination unit 

In a December 26, 2007, opinion column in the The Atlanta Journal-

Constitution, Nolan Hertel, a professor of nuclear and radiological 

engineering at Georgia Tech, wrote, "... nuclear reactors can be used ... to 

produce large amounts of potable water. The process is already in use in a 

number of places around the world, from India to Japan and Russia. Eight 

nuclear reactors coupled to desalination plants are operating in Japan alone 

... nuclear desalination plants could be a source of large amounts of potable 

water transported by pipelines hundreds of miles inland...”  
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Additionally, the current trend in dual-purpose facilities is hybrid 

configurations, in which the permeate from an RO desalination component is 

mixed with distillate from thermal desalination. Basically, two or more 

desalination processes are combined along with power production. Such 

facilities have already been implemented in Saudi Arabia at Jeddah and 

Yanbu. A typical aircraft carrier in the U.S. military uses nuclear power to 

desalinate 400,000 gallons (US Gal.) or 1514 m³ of water per day.  

2.4 ECONOMICS 

A number of factors determine the capital and operating costs for 

desalination: capacity and type of facility, location, feed water, labor, 

energy, financing and concentrate disposal. Desalination stills now control 

pressure, temperature and brine concentrations to optimize the water 

extraction efficiency. Nuclear-powered desalination might be economical on 

a large scale.  

Critics, however, will point to the high costs of desalination technologies, 

especially for developing countries, the impracticability and cost of 

transporting or piping massive amounts of desalinated seawater throughout 

the interiors of large countries, and the byproduct of concentrated seawater, 
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which some environmentalists have claimed "is a major cause of marine 

pollution when dumped back into the oceans at high temperatures" 

While noting that costs are falling, and generally positive about the 

technology for affluent areas that are proximate to oceans, one study argues 

that "Desalinated water may be a solution for some water-stress regions, but 

not for places that are poor, deep in the interior of a continent, or at high 

elevation. Unfortunately, that includes some of the places with biggest water 

problems." and "Indeed, one needs to lift the water by 2000 m, or transport it 

over more than 1600 km to get transport costs equal to the desalination 

costs. Thus, it may be more economical to transport fresh water from 

somewhere else than to desalinate it. In places far from the sea, like New 

Delhi, or in high places, like Mexico City, high transport costs would add to 

the high desalination costs. Desalinated water is also expensive in places that 

are both somewhat far from the sea and somewhat high, such as Riyadh and 

Harare. In many places, the dominant cost is desalination, not transport; the 

process would therefore be relatively less expensive in places like Beijing, 

Bangkok, Zaragoza, Phoenix, and, of course, coastal cities like Tripoli and 

Onne. After being desalinized at Jubail, Saudi Arabia, water is pumped 

200 miles (320 km) inland through a pipeline to the capital city of Riyadh. 
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For cities on the coast, desalination is being increasingly viewed as an 

untapped and unlimited water source. 

Nevertheless, desalination does not take into account recycling water and 

broken infrastructure. Water is reused in Fountain Valley, CA, Fairfax, VA, 

El Paso, TX and Scottsdale, AZ. This process is an alternative to 

desalination that requires 50% less energy due to the significantly lower salt 

content and produces new water at 30% less cost to the consumer than 

desalinated sea water without the damage to marine life and ecosystems 

common to desalination plants.  

Israel is now desalinating water at a cost of US$0.53 per cubic meter. 

Singapore is desalinating water for US$0.49 per cubic meter. Many large 

coastal cities in developed countries are considering the feasibility of 

seawater desalination, due to its cost effectiveness compared with other 

water supply options, which can include mandatory installation of rainwater 

tanks or stormwater harvesting infrastructure. Studies have shown that the 

desalination option is more cost-effective than large-scale recycled water for 

drinking, and more cost-effective in Sydney than the vastly expensive option 

of mandatory installation of rainwater tanks or stormwater harvesting 

infrastructure. The city of Perth has been successfully operating a reverse 
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osmosis seawater desalination plant since 2006, and the Western Australian 

government has announced that a second plant will be built to serve the 

city's needs. A desalination plant is being built in Australia's largest city, 

Sydney, and at Wonthaggi, Victoria, in the near future.  

According to a May 9, 2008, article in Forbes, a San Leandro, California 

company called Energy Recovery Inc. has been desalinating water for 

US$0.46 per cubic meter. 

 According to a June 5, 2008, article in the Globe and Mail, a Jordanian-born 

chemical engineering doctoral student at the University of Ottawa, named 

Mohammed Rasool Qtaisha, has invented a new desalination technology that 

is alleged to be between 600% and 700% more water output per square 

meter of membrane than current technology. According to the article, 

General Electric is looking into similar technology, and the U.S. National 

Science Foundation announced a grant to the University of Michigan to 

study it as well. Because the patents were still being worked out, the article 

was very vague about the details of this alleged technology. 
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2.5 ENVIRONMENTAL 

One of the main environmental considerations of ocean water desalination 

plants is the impact of the open ocean water intakes especially when co-

located with power plants. Many proposed ocean desalination plants' initial 

plans relied on these intakes despite perpetuating ongoing impacts on marine 

life. In the United States, due to a recent court ruling under the Clean Water 

Act, these intakes are no longer viable without reducing mortality, by ninety 

percent, of the life in the ocean; the plankton, fish eggs and fish larvae. 

There are alternatives, including beach wells that eliminate this concern, but 

require more energy and higher costs while limiting output. Other 

environmental concerns include air pollution and greenhouse gas emissions 

from the power plants that provide electricity and/or thermal energy to the 

desalination plants. 

Regardless of the method used, there is always a highly concentrated waste 

product consisting of everything that was removed from the created fresh 

water. This is sometimes referred to as brine, which is also a common term 

for the byproduct of recycled water schemes that is often disposed of in the 

ocean. These concentrates are classified by the United States Environmental 

Protection Agency as industrial wastes. With coastal facilities, it may be 
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possible to return it to the sea without harm if this concentrate does not 

exceed the normal ocean salinity gradients to which osmoregulators are 

accustomed. Reverse osmosis, for instance, may require the disposal of 

waste water with salinity twice that of normal seawater. The benthic 

community cannot accommodate such an extreme change in salinity and 

many filter-feeding animals are destroyed by osmotic pressure when such 

water is returned to the ocean. This presents an increasing problem further 

inland where one needs to avoid ruining existing fresh water supplies such 

as ponds, rivers and aquifers. As such, proper disposal of concentrate needs 

to be investigated during the design phases. 

To limit the environmental impact of returning the brine to the ocean, it can 

be diluted with another stream of water entering the ocean, such as the 

outfall of a waste water treatment plant or power plant. While seawater 

power plant cooling water outfalls are not freshwater like waste water 

treatment plant outfalls, the salinity of the brine will still be reduced. If the 

power plant is medium- to large-sized and the desalination plant is not 

enormous, the flow of the power plant's cooling water is likely to be at least 

several times larger than that of the desalination plant. Another method to 

reduce the increase in salinity is to spread the brine over a very large area so 

that there is only a slight increase in salinity. For example, once the pipeline 
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containing the brine reaches the sea floor, it can split off into many branches, 

each one releasing the brine gradually along its length through small holes. 

This method can be used in combination with the joining of the brine with 

power plant or waste water plant outfalls. 

The concentrated seawater has the potential to harm ecosystems, especially 

marine environments in regions with low turbidity and high evaporation that 

already have elevated salinity. Examples of such locations are the Persian 

Gulf, the Red Sea and, in particular, coral lagoons of atolls and other tropical 

islands around the world. Because the brine is denser than the surrounding 

sea water due to the higher solute concentration, discharge into water bodies 

means that the ecosystems on the bed of the water body are most at risk 

because the brine sinks and remains there long enough to damage the 

ecosystems. Careful re-introduction can minimize this problem. For 

example, for the desalination plant and ocean outlet structures built in 

Sydney from late 2007, the water authority states that the ocean outlets will 

be placed in locations at the seabed that will maximize the dispersal of the 

concentrated seawater, such that it will be indistinguishable from normal 

seawater between 50 meters and 75 meters from the outlet points. Sydney is 

fortunate to have typical oceanographic conditions off the coast that allow 
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for such rapid dilution of the concentrated byproduct, thereby minimizing 

harm to the environment. 

 Desalination compared to other water supply options 

Increased water conservation and water use efficiency remain the most cost-

effective priority for supplying water for certain areas of the world where 

there is a large potential to improve the efficiency of water use practices. 

While comparing ocean water desalination to waste water reclamation for 

drinking water shows desalination as the first option, using reclamation for 

irrigation and industrial use provides multiple benefits. Urban runoff and 

storm water capture also provide multiple benefits in treating, restoring and 

recharging groundwater. An emerging alternative to desalinization in the 

state of California and other areas in the American Southwest is the 

commercial importation of bulk water either by very large crude carriers 

converted to water carriers or pipelines. The idea is presently politically 

unpopular in Canada, where governments have been scrambling to impose 

trade barriers to bulk water exports as a result of a claim filed in 1999 under 

Chapter 11 of the North American Free Trade Agreement (NAFTA) by Sun 

Belt Water Inc.  
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2.6 Experimental techniques and other developments 

In the past, many novel desalination techniques have been researched with 

varying degrees of success. Some, such as Forward Osmosis, are still on the 

drawing board now while others have attracted research funding. For 

example, to offset the energy requirements of desalination, the U.S. 

government is working to develop practical Solar Desalination. 

As an example of newer theoretical approaches for desalination, focusing 

specifically on maximizing energy efficiency and cost effectiveness, the 

Passarell Process may be considered. 

Other approaches involve the use of Geothermal Energy. From an 

environmental and economic point of view, in most locations geothermal 

desalination can be preferable to using fossil groundwater or surface water 

for human needs, as in many regions the available surface and groundwater 

resources already have long been under severe stress. 

Recent research in the U.S. indicates that Nanotube membranes may prove 

to be extremely effective for water filtration and may produce a viable water 

desalination process that would require substantially less energy than reverse 

osmosis.  
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On June 23, 2008, it was reported that Siemens Water Technologies had 

developed a new technology, based on applying electric field on seawater 

that desalinates one cubic meter of water while using only 1.5 kWh of 

energy, which, according to the report, is one half the energy that other 

processes use. Fresh water can also be produced by Freezing seawater, as 

happens naturally in the Polar Regions, and is known as freeze-thaw 

desalination. 

According to MSNBC, a report by Lux Research estimated that the 

worldwide desalinated water supply will triple between 2008 and 2020.  

Low Temperature Thermal Desalination: 

Low Temperature Thermal Desalination (LTTD) uses low pressures inside 

chambers created by vacuum pumps and the principle that water boils at low 

pressures, even at ambient temperature. To cool the water vapors, cold sea 

water located 600 metres below the sea level is pumped through coils to 

condense the water vapors and then collect the pure water into storage tanks. 

The temperature of ocean water declines with an increase in depth, the water 

on the surface of sea water is hot and water below 600 metres is much 

cooler. It is also possible to use the LTTD process for power plants where 

huge amounts of warm water are discharged continuously from the plant. 
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The technology was developed by India's National Institute of Ocean 

Technology (NIOT) and the world's first LTTD plant was opened in the 

Lakshadweep islands in 2005. The plant has a 100,000 liters/day capacity. In 

2007, NIOT successfully opened a floating LTTD plant off the coast of 

Chennai with a capacity of 1 million liters/day and is currently constructing 

a similar plant with a capacity of 10 million liters/day.  

Thermo-ionic process: 

In October 2009, Saltworks Technologies, a Canadian firm, announced a 

process that uses solar or other thermal heat to drive an ionic current that 

empties all the sodium and chlorine ions from the water.  
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CHAPTER THREE 

MATERIALS AND METHODS 

 

3.1 PRODUCTION PROCESSES 

This design involves the conversion of sea water to potable water. The 

process starts from the softening unit to the desalination employing 

distillation method. Chlorine is first added in form of hypochlorite to liberate 

bromide ion which gets stripped off in the stripping columns. Prior to this, 

Sodium Carbonate (Na2CO3) is added for the first softening and consequent 

softening brought about by the addition of Concentrated Sulphuric Acid 

(H2SO4). The carbon dioxide gas (CO2) liberated in the process is also 

stripped off in the packed tower used. 

 

Partially treated sea water enters the multistage flash (MSF) units, employed 

for the distillation. Polyphosphate addition is the line to reduce scaling. The 

water is then flashed off to give distilled water in the MSF unit. This 

distilled water is eventually made up with some chemicals to meet up the 

World Health Organisation (WHO) standards for drinkin water. 
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3.2 MATERIAL BALANCE 

For any appreciable progress to be made in any design work, a quantitative 

approach to the process design must be made in terms of material and energy 

flows and balance. The basis of the material balance is the law of 

conservation of mass   which states that within a given isolated system, the 

mass of the system remains constant, regardless of the changes taking place 

within the system. This statement is verified in the balances that follow 

below: 

Basis of calculation: 

1m3 of sea-water feed. 

The main pump discharges sea-water into the settling tank (unit 1) and from 

this tank, the sea water flows at a rate 1m3/day (initial basis). The 

composition of the sea-water leaving settling tank is as follows: 

Constituent        mass (gm) 

Bromine  ion        72 

Fluoride  ion        1.5 

Chloride  ion        21,200 

Sulphate  ion        2,950 

Nitrate  ion        0.2 

Bicarbonate  ion        154.6 
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Metasilicic  acid        1.0 

Metabolic  acid        20.4 

Calcium  ion        423 

Magnesium  ion        1,403 

Potassium  ion           463 

Sodium  ion        11,800 

Total dissolved solids       38,488.7 

 The constituents present as salt are as follows: 

Salt        mass (gram) 

CaCO3            256 

CaSO4        1, 270 

MgSO4        2, 490 

MgCl2         3, 520 

KCl              888 

NaCl         30, 000 

NaF                   4 

NaBr                 93 

NaNO3                0.3 

Hardness (as CaCO3)         6, 830 

Alkalinity             129.8 
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Chlorosity            21.75 

 

The mass of 1m3 of sea water 

        = Density x volume 

        = 1.025 x 106 g 

        = 1.025 x 103 kg 

 Mass of pure water content of sea water 

      = 1.025 x 106g – total dissolved solids 

      = 1.025 x 106g – 38, 488.7 

      = 986, 511.3g 

 

UNIT 1 – Settling tank 

The outlet stream of the settling tank goes into the magnesium removal tank. 

Since magnesium exists in the sea-water as MgSO4 and MgCl2, some SO2- 

and Cl- will also be removed along with it. 

Calculation of quantities removed. 

Mass of mgSO4  = 2490g 

 Mass of SO4
2-  = 96   (2490)g 

       120 
    = 1992g 

Mass of mg2+  = 498g 
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Mass of mgCl2   = 3520g 

 Mass of C1-   = 71 x 3520g = 2630.736842g 
       95 
 Mass of magnesium ions, mg2+ 

    = 889.2631581g  

The ions removed in this tank are as follows 

mg2+        1403 g 

SO4
2-       1992 g 

Cl-       2630.736842 g 

 

 The sea- water leaving the magnesium removal tank has the composition: 

 Dissolved solids    = 32462.96316 g 

 Water content    = 986511.3 g 

 

UNIT 2- Softening tank 1 

In this tank, the permanent hardness due to CaSO4 is removed with the aid of 

soda ash, Na2CO3. 

 The reaction for the removal is as follows: 

Na2CO3 + CaSO4                   CaCo3 + Na2SO4 

For the purpose of this analysis, completeness of the reaction above is 
assumed. Number of moles of CaSO4 in sea water = 1270 g 

       136 
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        = 9.338235294 g 

 Mass of Na2CO3 required    = 1270 x Mg 
            136   
Where M   =  molecular mass of Na2CO3  

  = 106gm/g mole 

 

 Mass of Na2CO3 required  

     =  1270 x 106g 
          136 
     = 989.85294g 

Mass of CaCO3 ppt. formed  = 1270 x 142g 
          136 
 
     = 1326.029412g 

 The inlet and outlet steam of this unit have the compositions below 

INLET 

Sea water: - dissolved solids     32462.96316g 

  Water content      986511.3 g 

Na2CO3      989.85294 g 
    

Total       1019964.116 g 
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OUTLET 

Sea water: - dissolved solids   31192.96316 g 

  Water content     980511.3 g 

CaCo3 formed   933.8235294 g 

Na2SO4    1326.029412 g 
    

Total       1019964.116 g 
 

UNIT 3- Settling Tank 

The calcium carbonate precipitate formed in the preceding unit is allowed to 

settle in this tank, leaving a precipitate free liquid stream. This stream is then 

passed to the next unit. 

 

UNIT 4- Softening tank 2 

Concentrated sulphuric acid is added to the sea water in this unit to remove 

the bicarbonate ion constituting temporary hardness. 

The chemical reaction occurring is represented by the equation. 

 2HCO3
- + H2SO4        2CO2 + 2H2O + SO4

2-  

Completeness of the reaction is assumed and the acid is added in excess such 

that the exit stream from the unit has a pH value of 3.0. This value of 3.0 is 

to be maintained in view of the process taking place in the next unit. 

Number of moles of HCO3- in sea water 
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     = 154.6 
        61 
     = 1.2672131 x 2 

Number of moles of H2SO4 required 

     = 1.26772131 

Mass of H2SO4 required  = 1.26772131 x 98 g 

     = 124.186884g 

Density of H2SO4 (98%)  = 1840 x 103 g/m3 

 Volume of H2SO4 required =  m/D 

     = 6.749287 x 10 -5 m3 

     = 67. 49287ml. 

This volume of acid is completely used up. 

The calculation of the excess required to maintain a pH value of 3.0 is as 

follows 

pH = 3.0 = - log [H+] 

  {H +} = 1.0 x 10-3 moles/litre 

   = 1.0 moles/m3  

The dissociation of H2SO4 in solution is  

H2SO4 ⇋ 2H+ + SO4
2- 

Moles of H2SO4 = ½ (moles of H+) 
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Mass of H2SO4   = 0.5 x 989 = 49.0 g 

Volume of excess acid = m =       49 
      D       1840 x 103 
        = 26.63ml 

Total volume of acid added =  (07.49287 + 26.63) 

     = 94.12287 ml 

Total mass of acid added  = 173.186884g 

The masses of the other products formed from the reaction are as follows 

CO2    = 154.6 x 44 
      61 
    = 111.514754g 

H2O    = 154.6 x 18 
       61 
 
    = 45.619672g 

SO4
2-    = 154.6 x 96/2 

       61 
 
    = 121.652459g 

The SO4
2- formed from this reaction is sparingly soluble. Although it 

constitutes hardness, the mass is not much to require equipment for its 

removal. Besides, its presence will be taken care of by the polyphosphate to 

be added later. 

The streams in and out of this unit have the following compositions 
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Constituent Inlet Outlet 

Sea-water: (i) Dissolved solids 31192.96316 31038.36316 

                   (ii) Water content 986511.3 986556.9197 

          Na2SO4 1326.029412 1326.029412 

          H2SO4 173.186884     49.0 

         CO2 - 111.514754 

         SO4
2- - 121.652457 

       Total  1019203.479 1019203.479 

 

UNIT 5: CHLORINATION TANK 

The hypochlorite dosing is employed in sea water chlorination. The chloride 

ions in the sodium hypochlorite (NaOCl) in the presence of an acid oxidize 

to bromide ions in solution to bromine. This reaction is essentially an ion – 

exchange reaction and it goes to completion in the presence of excess acid. 

This was why the pH of the sea water stream leaving the preceding unit is 

made to have a value of 3.0. This high value also takes care of any possible 

reduction in the acidity of the water by the sodium ion (Na+) in NaOCl. 
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Reaction in the tank 

1. NaOCl + H2O             NaOH  + HOCl 

HOCl  + H+  + Br-            Cl-   + Br2  +  H2O 

The overall reaction is represented by the equation  

NaOCl  + H+ + 2Br-            Cl-  + Br2 + NaOH 

Moles of Br- present in solution  = 72 
         79.91    
  
Moles of NaOCl needed for reaction  = 0.450506 

Mass of  NaOCl needed for reaction = 33.562697g 

Moles of H+ used up   = 0.450506 

Mass of Cl- formed   = 0.450506 x 35.5 

      = 15.992991g 

Mass of Br2 formed   = 72g 

Mass of NaOH formed   = 18.02024g 

Since chlorine is also added for disinfecting purposes, the hypochlorite 

dosing is increased by about 20%. 

i.e. actual dosage of  NaOCl  = 40g 

The mass of the dissolved solids is reduced at the outlet (i.e. less than that of 

the inlet) due to the Br- , H+ used up. 

2. The excess NaOCl added in the presence of water dissociates to form 

HOCl and NaOH. 
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NaOCl + H2O             HOCl  +  NaOH 

Moles of NaOCl   =   (40-33.562697) = 0.0864067 
       74.5 

Mass of H2O used up  = 18(0.0864067)g 

= 1.5553206g 

Mass of HOCl formed  = 52.5 (0.0864067) g 

     = 4.5363517g 

Mass of NaOH formed  = 3.456268g 

3. The sodium hydroxide formed in (2) and (1) reacts with part of the excess 

sulphuric acid to give sodium sulphate (Na2SO4 and H2O) 

i.e. 2NaOH + H2SO4         Na2SO4 + 2H2O 

Moles of NaOH = 3.456268 + 18.02024 
     40 
 

    = 0.5369127 

Moles of H2SO4 used up  = ½ x 0.5369127   

Mass of H2SO4 used up  = ½ (0.5369127) x 98g 

     = 26.3087223g 

Mass of H2SO4 formed  = ½ x 0.5369127 x 142g 

     = 38. 1208g 

Mass of water formed  = (0.5369127 x 18)g 

     = 9.6644286g 
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The concentrations of the inlet and outlet streams of this unit are as follows:- 

(The three reactions occurring have been taken into consideration) 

 

Constituent  Inlet  Outlet  

Sea-water: (i) Dissolved solids 31038.36316 30965.91265 

                   (ii) Water content 986556.9197 986555.3644 

          H2O (from reaction) - 9.6644286 

          NaOCl 40 - 

          Na2SO4 1326.029412 1364.150212 

        SO4
2- 121.652457 121.652457 

        H2SO4 49 22.6912777 

       CO2 111.514754 111.514754 

       Br2 - 72 

CL- - 15.993 

HOCl - 4.5363517 

Total 1019243.479 1019243.480 
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UNIT 6 - STRIPPING COLUMN 

In this unit, the brine content of the liquid stream coming in is reduced to 

35% at the outlet, warm air (400C) is blown into the column in a counter 

current manner to the liquid stream to effect the stripping. It is assumed that 

the CO2 present in the liquid stream is blown away by the air. In this basin, 

the liquid stream leaving and entering the stripper have the composition 

below. 

Constituents Inlet Outlet 

Sea-water: Dissolved solids 30965.91265 30965.91265 

                   Water content 986565.0288 986565.0288 

          Na2SO4 1364.150212 1364.150212 

        SO4
2- 121.652457 121.652457 

        H2SO4 22.6912777 22.6912777 

       CO2 111.514754 - 

       Br2 72 25.2 

     Cl- 15.993 15.993 

     HOCl 4.5363517 4.5363517 

Total 1019243.479 1019085.165 

 

The difference between the inlet and outlet figures is due to the air flow that 

is not yet accounted for. 

The liquid flow rate out of the absorber = 1019085.165g 
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Of this quantity, 50% goes to the evaporation/crystallization unit while the 

other 50% goes to the freezing process (25%) and the solar energy process 

(25%). 

Actual flow into the evaporation units 

     = 1019085.165 + mass of polyphosphate 
2 added 

Polyphosphate addition 

Quantity added = 5 ppm  

Let x = quantity added 

        x     =  5/106  

        1019085.165/2 

  x = 2.547712913g 

Actual flow rate into evaporation units 

     = (509542.5825 + 2.547712913)g 

     = 509545.1302g 

Water content of the stream water 

  = 986565.0288   50945.1302 
    2 
 
  = 0.968084052 

  = 0.968 

According to the statements of the design problem, 30% of the water into the 

evaporation units is distilled off to give 1500m3 of water/day. 
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Let Y = daily flow into the evaporation units 

 0.3 Y (0.968084052) = 1.5 x 109g 

   Y  = 5, 164,540, 790g 

On the basis of 1m3/day of sea water intake, liquid flow into the evaporation 

units 

    = 509545.1302 

 Volumetric flow rate of the water per day 

   = 5164540790 
    509545.1302 
 
   = 10136.17928m3/day 

To convert all the previous masses from the initial basis (1m3/day) to the 

actual quantities flowing/ 10136.17928 m3 of sea water. 

The multiplying factor  = 10136.17928 

 

On this basis (10136.0 m3 of sea water/day),  

Liquid flow rate into stripper = 1.0331234 x 1010g/day 

Liquid flow rate out of stripper =  1.032969 x 1010 g/day 

Polyphosphate addition  = (2.547712913)(10136.17928) 

= 25824.07484g 

Air flow rate into the stripper 
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The air flow rate into stripper is obtained from a heat balance over the 

stripper. 

Let L  = liquid flow rate into the stripper 

     T1  = temperature of inlet liquid stream = 1100C 

      T2  = temperature of outlet liquid stream = 950C 

t1= temperature of inlet air = 400C 

t2 = temperature of outlet air = 600C 

V = air flow rate into the stripper 

CPl = heat capacity of liquid stream 

CPg = heat capacity of air stream 

The equation below  

 LCPL (T1 – T2) = V(CPg1 t1-CPg2 t2) will be used to find the air flow 

rate. 

To obtain the Cp for the liquid stream, the % of dissolved solids calculated 

and a graph is used to obtain the heat capacity, Cp. Although the graph is 

valid at about 200C, it is assumed that the actual values of the Cp at the 

operating temperature do not differ appreciably from the values in the graph. 

The % of total dissolved solids in the liquid stream into the  

absorber = 32678.4503 
      1019243.479 
  =   3.206% 
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Cp    = 0.961 cal/g0C. 

    = 4.0237 J/g0C 

Cp of air at 400C    = 0.248 cal/g0C 

    = 1.038376 J/g0C 

Cp of air at 600C   = 0.35 cal/g0C 

    = 1.04675 J/g0C 

Average flow rate through the stripper 

    = 1.0330431 x 1010g/day 

 LCP (T1 – T2) – V(Cp1, t1 – Cp2, t2 ) becomes 

1.0330431 x 1010 (4.0237 x 110-93) = V(1.04675 x 60-1.038376 x 40) 

 V = 2.9313 x  1010  g/day 

This is the air flow rate through the stripper on the basis of 10136.179m3 of 

sea water. The concentrations of the inlet and outlet streams for the stripper 

based on the actual volume of sea-water flowing per day (10136.17928m3) 

are shown below in grams. 
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Constituents Inlet  Outlet  

Sea-water: Dissolved solids 313876042.2 313876042.2 

Total water content 1x1010 1x1010 

Na2SO4 13827271.11 13827271.11 

SO42- 1233091.114 1233091.114 

H2SO4 230002.8589 230002.8589 

CO2 (in liquid stream) 1130333.539 - 

CO2 (in air stream) - 1130333.539 

Br2 (in liquid stream) 729804.9082 255431.7179 

Br2 (in air stream) - 474373.1903 

Cl- 162107.9152 162107.9152 

HOCl 45981.27411 45981.27411 

Air  2.9313x1010 2.9313x1010 

Total  3.9644234X1010 3.9644234X1010 

 

Corrected material balances for all the other units. 

The following balances show the materials going in and out of each unit 

based on the actual calculated sea water flow rate for the production of 

1,500m3 of distilled water of the multi-stage flash evaporator.  

Sea water flow rate = 10136.17928 m3/day. 
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Unit (Magnesium Removal Tank) 

Constituents Inlet  (g) Outlet  (g) 

Sea-water: Dissolved solids 390128363.5 329050414.5 

Water content 9999455399.0 9999455399.0 

Mg2+ - 14221059.53 

SO42- - 20191269.13 

Cl- - 26665620.27 

Total  1.0389583x1010 1.0389583x1010 

 

Note: The ions indicated in the outlet column are those that have been 

precipitated out of the sea water by methods not considered in this design 

project. The precipitates formed are assumed to be removed, leaving a clear 

liquid flowing into the next unit. 

Unit (Softening Tank 1) 

Constituents Inlet  (gm) Outlet  (gm) 

Sea-water: Dissolved solids 329050414.5 316177466.90 

Water content 9999455399.0 9999455399.0 

Na2CO3 10033326.86 - 

Na3SO4 - 13440871.85 

CaCO3 formed - 9465402.71 

Total  1.0338539x1010 1.0338539x1010 
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The CaCO3 ppt formed is removed in unit (settling tank) and the outlet 

stream from this tank goes to the unit (softening tank 2). 

Unit (Softening Tank 2) 

Constituents Inlet  (gm) Outlet  (gm) 

Sea-water: Dissolved solids 316177466.90 314610413.5 

Water content 9999455399.0 9999917808 

Na2SO4 13440871.85 13440871.85 

H2SO4 1755453.305 496672.7847 

CO2  - 1130333.539 

SO4
2- - 1233091.114 

Total  1.0330829x1010 1.0330829x1010 

 

UNIT  Chlorination Tank 

Constituents Inlet  (gm) Outlet  (gm) 

Sea-water: Dissolved solid 314610413.5 313876042.2 

Water content 9999917808.0 9999902043.0 

H2O (from reaction) - 97960.38093 

NaOCl 405447.1712 - 

Na2SO4 13440871.85 13827271.11 

SO4
2- 1233091.114 1233091.114 

H2SO4  496672.7847 230002. 8589 

CO2 1130333.539 1130333.539 

Br2 - 729804.9082 

Cl- - 162107.9152 
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HOCl - 45981.27411 

Total  1.0331234x1010 1.0331234x1010 

 

UNIT  Stripping Column 

The corrected balances for this unit have been shown in page 41 of the 

chapter. 

UNIT  Aerator 

The outlet liquid stream from the stripping column is passed to the aerator 

for the removal of any trace of air and CO2 in the solution. It is assumed that 

the liquid stream leaving this unit has about the same flow rate as the 

entering stream. 

i.e. liquid flow rate out of the unit = liquid flow rate into the unit 

    = 1.0329629 x 1010g/day 

The liquid stream leaving the aerator is divided into two equal parts. One 

part (50%) goes to the freezing and solar energy processes for production of 

distilled water while the other part (50%) is passed to the multi-stage flash 

evaporation unit to produce 1500m3 of distilled water/day. 

 

UNIT  Polyphosphate Addition Vessel 

Before getting to the multi-stage flash evaporation unit, polyphosphate is 

added to the sea-water stream to prevent scale formation in the evaporators 
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and heaters. The quantity added is about 5 ppm and has been calculated on 

page    to be 25824.07484g/day. 

The inlet and outlet liquid flow water for this unit are given below. 

 

Constituents Inlet  (gm) Outlet  (gm) 

Liquid stream (Brine soln) 5164814960 5164814960 

Polyphosphate - 25824 

Total  5164814960 5164840790 

 

UNIT  Multi-Stage Flash Evaporation Unit 

The outlet stream from the polyphosphate addition unit is the inlet stream of 

the evaporation unit. In this unit, no reaction occurs. The only activity is the 

flashing of vapour from the brine solution cascaded through the flash 

chambers.  

With the aid of an iterative method the vapour flashed in each chamber is 

calculated. The results for 20 flash units being used are given in the table 

below composition of brine solution entering the evaporation. 
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UNIT-multi-stage flash evaporation unit cont’d, unit per day 

Constituents Mass  

Original sea-water: Dissolved solid 156938023.7 

Water content 5000000000.0 

Na2SO4 6913635.565 

H2SO4 115001.4274 

Br- 127715.859 

SO4
2- 616545.557 

Cl- 81053.912 

HOCl 22990.44034 

Polyphosphate  25824.07484 

Total  5164840790.0 

 

Calculated masses of vapour flashed in the flash plants. 

Stage  Temp. (0C Pressure  

(Bar) 

Inlet mass 

L(gm) 

Outlet mass 

L(gm) 

Vapour 

flashed, m 

Fraction m/L 

1 95 0.86 1.000 0.99656 0.00344 0.00344 

2 92 0.74 0.99656 0.988265 0.008295 0.008323 

3 89 0.67 0.988265 0.982374 0.005891 0.005961 

4 86 0.60 0.982374 0.976183 0.006191 0.006302 

5 83 0.52 0.976183 0.96858 0.007603 0.007788 

6 80 0.45 0.96858 0.961202 0.007378 0.007617 
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7 77 0.41 0.961202 0.956404 0.004798 0.00499 

8 74 0.38 0.956404 0.952214 0.00419 0.004381 

9 71 0.33 0.952214 0.946093 0.006121 0.006428 

10 68 0.28 0.946093 0.939009 0.007054 0.007487 

11 65 0.24 0.939009 0.932129 0.00688 0.007327 

12 62 0.21 0.932129 0.926361 0.005768 0.006181 

13 59 0.19 0.926361 0.922162 0.004199 0.004533 

14 56 0.18 0.922162 0.919938 0.002224 0.002411 

15 53 0.16 0.919938 0.915764 0.004174 0.004537 

16 50 0.14 0.915764 0.910648 0.005116 0.005586 

17 47 0.12 0.910648 0.905116 0.005532 0.006075 

18 44 0.11 0.905116 0.901697 0.003419 0.003777 

19 41 0.09 0.901697 0.895084 0.006613 0.007334 

20 38 0.076 0.895084 0.891341 0.003743 0.004181 

 

The table below shows the actual masses of vapour flashed in each chamber, 

based on the flow rate into the evaporation unit. 

.i.e. for L= 5164840790g/day 
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Stage  Inlet mass (g) Fraction flashed Actual mass flashed  Outlet mass (g)  

1 5164840790 0.00344 17767052.32 5147073738 

2 5147073738 0.008323 42839094.72 5104234643 

3 5104234643 0.005961 30426342.71 5073808300 

4 5073808300 0.006302 31975139.91 5041833160 

5 5041833160 0.007788 39265796.65 5002567363 

6 5002567363 0.007617 38104555.61 4964462807 

7 4964462807 0.00499 24772669.41 4939690138 

8 4939690138 0.004381 21640782.49 4918049356 

9 4918049356 0.006428 31613221.26 4886436135 

10 4886436135 0.007487 36584747.34 4849851388 

11 4849851388 0.007327 35534861.12 4814316527 

12 4814316527 0.006188 29790990.67 4784575536 

13 4984525536 0.004533 21688254.260 4762837282 

14 4762837282 0.002441 11626085.80 4751211196 

15 4751211196 0.004537 21556245.20 4729654951 

16 4729654951 0.005586 26419852.56 4703235098 

17 4703235098 0.006075 28572153.22 4674662945 

18 4674662945 0.003777 17656201.94 4657006743 

19 4657006743 0.0077334 34154487.45 4622852256 

20 4622852256 0.004181 19328145.28 4603524111 

 

The above table shows the overall balance for the 20 stages taken as a bloc 

Brine inlet rate   = 5164840790g/day 

Total vapour flashed  = 561316680g/day 
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Brine outlet rate   = 4603524111g/day 

 

RECYCLE CONSIDERATION 

The total mass of distillate required daily  = 1.5x109g 

Mass of distillate produced in the 20 flash chambers per cycle = 

561316680g 

 Number of recycles required to meet the daily production of 1.5x109g 

      = 1.5x109g 
       561316680 
 
      = 2.672 

The third cycle is 0.672 of the previous 2 cycles 

Mass rate/cycle  = 5164840790g 

 For the third cycle, mass rate  = 0.672 (5164840790)g 

      = 3470773011g 

SOLID CONCENTRATION IN RECYCLE STREAMS 

1st run:  Input    = 5164840790g 

  Total solid content  = 164840790g 

  % of solid   = 3.191% 

  Output   = 4603324111g 

 It is assumed that the solids act as a tie material 
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 Total solids in output stream  = 164840790 

% of solid      = 3.58% 

 

 

2nd run: 

Let  L1  =  mass of recycle stream 

 L2 = mass of make-up stream 

 L = total mass of stream entering the evaporation unit   

 X1 = fraction of solids in recycle stream 

 X2 = fraction of solids in make-up stream 

 X = fraction of solids in the stream entering the evaporation 

unit. 

Since the oceanography graph used to obtain the vapour pressures in the 

flash chambers is valid for solid concentration not more than 3.5%, then X  

3.5% 

 In determining L1 and L2, we evolve the following equation 

L1 + L2 = L = 5164840790                 (1) 

L1 X1 + L2 X2  = LX          (2)  

Let X   = 3.4% 

 eqn. (2) becomes 
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L1 X1 + L2 X2    = 0.034 x 5164840790 21 

    = 175604586.9 

From (1), L1   = 5164840790 – L2   

Substituting for L1 in 2, we obtain (5164540790 – L2) X1 + L2X2  = 

175604586.9 – (3) 

X1  = 3.58% (obtained from 1st run) 

X2  = 3.191% (% of solids in liquid stream leaving the 

polyphosphate addition tank) 

Substituting for X1 and X2 in (3), 

(5164840790 - L2) 0.0358 + 0.03191 L2  = 175664586.9 – (4) 

  L2  = 2389900623g 

and L1  = 2774940167g 

i.e. purging rate after the first run  

 = output from 1st run – L1  
 = output from 1st run 
 
  = 4603524111 – 2774940167 x 100% 
              4603524111 
 
  = 39.72% 

Output from 2nd run 

 Brine solution  = 4603524111g 

Dissolved solids  = L1X1 + L2X2   = 175604586.9g 
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% of solids in solution  = 3.81% 

 

 

3rd run 

 In this run, the total mass of liquid (brine solution) entering the 

evaporation unit 

  = 0.672 (5164540790)g 

  = 3470773011g 

Again % of solids in this stream must be less than 3.5% 

 For this run, let X = 3.4%  

Hence the equation 

 L1 +L2   = 3470773011  - (5) 

 L1X1 + L2X2  = 0.034 (3470773011) - (6)  

From (5), L1  = 3470773011  - L2 

Also, X2   = 0.03191 

 X1 = 0.0381 (from 2nd run) 

Substituting for L1, X2 and X1 in (6) , we have  

(3470773011 –L2 x 0.0381) + 0.03191L2  

   = (0.034 x 3470773011) 

 L2   = 2298896502g 
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    L1   = 1171876609g 

.i.e. the make-up stream for the third run, 

  = 2298896502g 

The recycle stream  = 1171876509g 

% of purging necessary after 2nd run to achieve this rate 

   =  4603524111 – 1171876509  
     4603524111 
 
   = 74.54% 

Note: The liquid purged from the outlet liquid stream of each run are not 

thrown away. Rather, they are passed into a tank from where they are 

pumped together with the final outlet (after the 3rd run) from the evaporation 

unit to the crystallization unit for further extraction of water. 

 

3.3 ENERGY BALANCE 

The energy balance is a mathematical expression of the law of conservation 

of energy. According to this law, energy is indestructible and system must 

be exactly equal to that leaving plus accumulation. 

 

The energy referred to above include the kinetic, potential, heat, work 

energy etc. and for most industrial flow process such as distillation, the 

contribution of kinetic, potential and work energy to the total energy is 

x 100 
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negligible. For such systems, the heat added is equal to the increase in its 

enthalpy. 

 

For this work, the systems are the various tanks and vessels and the balances 

around them will be taken by considering the inlet and outlet streams and 

their conditions inside the systems. 

UNIT 1  Settling Tank 

For this analysis, it is assumed that the sea water has a temperature of 200C. 

The masses to be used in this unit and subsequent ones are as shown by the 

mass balance. 

Total mass of sea water = 1.0389583 x 1010g into the tank 

The dissolved solids weigh 390128363.5g 

 %of dissolved solids = 3.755%  

From (47) and assuming Cp of sea water to be independent of temperature, 

 Cp = 0.95 cal/g0C. 

   

 Cp = 3.97765 J/g0C 

Energy in  = MCpT 

  = (1.0389583x1010) (3.97765) (20x10-3 KJ) 

  = 826522496.4 KJ 
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Since no reaction occur within the tank, energy of leaving stream = 

826522496.4 KJ 

Note: For the energy balance, like the material balance, the term dissolved 

solids refer to the ions originally in the sea water plus any other ion formed 

as a result of chemical reaction 

UNIT 2: Magnesium Removal tank 

The process for the removal of magnesium ions and the associated ions in 

this unit is not known; hence the energy balance is not taken over this unit. 

Nevertheless, it is assumed that the temperature of the stream leaving this 

unit = 200C. 

UNIT 3: Softening Tank 1 

From the material balance, inlet stream to this unit has a mass of 

1.032850567x1010g 

= 1.032850567x 107 kg 

% of dissolved solids = 3.1858% 

Chemical reaction in this unit is Na2CO3 + CaSO4             Na2SO4 + CaCO3 

The heat of reaction, ∆HR = heat of formation of products – heat of 

formation of reactants  

i.e. ∆HR = (∆Hf) p – (∆Hf)R 

CaSo4 = (-336.58) (4.187) KJ/mole 

CaCO3 = (-289.5) (4.187) KJ/mole 
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Na2SO4 = (-330.82) (4.187) KJ/mole 

Na2CO3 = (-275.13) (4.187) KJ/mole 

The reaction has a stoichiometry of 1:1 

The number of moles formed or used up as the case may be 

 = (9.338235294) (10136.17928) 

 = 94654.0271 

∆HR = -94654.0271    (330.82+289.5) – (336.58+275.13) 

  = -3, 412, 284.303KJ 

Temp. change, ∆T of liquid in the unit. 

Heat, Q = mCp ∆t 

   ∆T = Q =  3412284.303 
      mCp (1.032850567x107) (0.90) (4.187) 

    = 0.0820C 

 Tout = Tin + ∆T = 20.0820C 

Energy in = (1.032850567 x 107) (0.96) (4.187) (20) 

  = 830,312,702.2KJ 

Energy out = (1.032850567 x 107)(0.96)(4.187)(20.082) 

  = 833716984.3 KJ 
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UNIT 4: Softening Tank 2 

Sulphuric acid added = 1755453.305g 

       = 17912.78883 moles 

Water content of liquid stream into the unit 

    = 9999455399g 

    = 555525300 moles 

Moles of water/moles of acid in solution 

    = 555525300     = 31012.77558 
     17912.78883 

  The dilution is infinite, hence heat of solution = 96.236mJ/kmol of acid48 

∆H solution = 96.236 x 103 x 17.91278883 

              = 1723855.146 KJ 

Mass of liquid stream IN (+H2SO4) = 1.0330829 x 107kg 

The temperature change, ∆T =    Q 
     mCp 
Where Q = heat of solution 

The % of solids in the liquid stream = 3.191 

Cp = 0.96 cal x 4.187 (ref 47) 
       g0C 
 
∆T  =  1723855.146  

   1.0330829 x 0.96 x 4.187 
 
= 0.04150C 

 Tout = Tin + ∆T = 20.082 + 0.0415 = 20.12350C 
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The energies of the stream in and out of the units are shown below 

Energy IN   Tin = 20.0820C 

Constituent  Mass (kg) Heat capacity, Cp 

kJ/kg0C 

Energy, Q = 

mCpTin (KJ) 

Water content + 

Dissolved solids 

1.0315632 x 107 4.18 x 0.961 833545194.4 

H2So4 1755.453305 1.47 51821.9295 

Na2So4 13440.87185 0.96714 261050.0308 

Total  833858066.4 

 

ENERGY OUT  Tout = 20.12350C 

Constituent  Mass (kg)  Cp (kJ/kg0C) Q = mCpTout (KJ) 

Water content + 

Dissolved solids 

1.0315761 x 107 0.961 x 4.187 835278183.5 

Na2So4 13440.87185 0.96714 261589.4978 

N2So4 496.6727847 1.47 14692.34833 

CO2 1130.333539 0.949859 21605.7464 

Total  835576071.1 

 

In addition to the energy in, there is the heat of dilution = 1723855.146kJ 
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 Total energy of the system = 833858066.4 

         + 1723855.146 

ENERGY OUT =   835581921.5 Kj 

Difference = Energy in – Energy out 

  = 5850.44kJ 

% Difference  = 7 x 10-4 

This is a negligible difference. 

UNIT 5: Chlorination Tank 

Temperature of stream from unit 4, Tin = 20.12350C 

The reactions in this unit are as follows 

1. NaOCl + H+ + NaBr           Br2 + NaCl  + NaOH 

2. NaOCl  + H2O        NaOH  + HOC l 

3. 2NaOh + H2SO4         Na2SO4 + 2H2O 

HR = (Hf)   - (Hf)R 

The heats of formation are as follows 

NaOH  = - (101.99) (4.187) KJ/g mole 

NaCl   = - (98.232) (4.187) KJ/g mole 

NaBr   = -86.03 x 4.187 KJ/g mole 

NaOCl  = -100 x 4.187 KJ/g mole (assumed) 

H2O   = - 68.3174 x 4.187 KJ/g mole 
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Na2SO4  = (-330.9) (4.187) KJ/g mole 

HOCl = (-68.3174 x 4.187) KJ/g mole 

For Br2, H
+, Hf = 0 

The values of HOCl and NaOCl are not available in literature, hence the 

assumed above will be used. 

For reaction 1 

HR = - (4.187) 0.450506) [98.232 + 101.99] 

  + (86.030 x 2 + 100) (0.450506) (4.187) 

  = -135.507 KJ 

For reaction 2, 

HR = (-101.99 x 4.187) x 0.0864067 x 0.0864067) 

 = - 0.72 KJ 

For reaction 3, 

HR = (-330.90 – 68.3174) 0.5369127 x 4.187 
         2 
 + 4.187 (0.5369127) x [193.91 + 101.99] 
          2 

 = - 78.2826 KJ 

Total heat of  reaction 

HR,T 56.5044 KJ 

On the basin of 10136.19928m3 of sea water  
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 HR,T  = 572738KJ (endothermic rxn) 

Mass of solution in the tank 

  = 1.0331234 x 107kg 

Dissolved solids = 3.196% 

  Cp = (0.96) (4.187) KJ/kg0C 

 T = Q 
  mCp 

 

 = 572738.7285 
  1.0331234 x 107 x 0.96 x 4.187 
 
  = 0.0138 

 Tout  = Tin – 0.0138 

= 20.1235 – 0.0138 

= 20.10970C. 

The energy in and out of the unit is shown below: energy in, T = 20.12350C 

Constituent  Mass (kg)  Cp (kJ/kg0C) Q = mCpT  

Water + 

dissolved solids 

(3.06%) 

1.0315761 x 107 (0.961) (4.187) 835278183.5 

NaOCl 405.4471712 4.187 33952.14612 
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Na2So4 13440.87185 0.96714 261589.4978 

H2So4 496.6727842 1.47 14692.34833 

CO2 1130.333539 0.949857 314714.2398 

Total  835610023.20 

 

Energy out, T = 20.10970C 

Constituent  Mass (kg)  Cp (kJ/kg0C) Q = mCpT  (kJ) 

Water + 

dissolved solids 

1.0152 x 107 0.961 x 4.187 834665649.1 

Na2So4 13827.271110 0.96714 268925.1475 

H2So4 230.0028589 1.47 6799.174083 

CO2 1130.33539 0.949859 21590.92993 

Br2  729.8049.8 0.2358 3460.638 

HOCl 45.98127411 4.187 3871.591732 

Total  834970296.6 

 

Energy IN = 835610023.2 KJ 

Energy out + heat of reaction (endothermic) 

   = 835543035.3 KJ 

Difference   = 66987.88 KJ 
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% Difference = 66987.88 x 100 
    835610023.2 
 

   = 8.0166 x 10-3 

Again the difference is negligible and it can be taken that energy out of the 

unit = Energy into the unit. 

Energy balance over the heat exchangers 1 and 2 

The 1st heat exchanger is needed to cool down the outlet liquid stream from 

the aerator from 900C to 30.50C for proper operation in the evaporators.  The 

cold liquid stream heated in the process is further heated by the 2nd heat 

exchanger to attain the inlet temp. to the stripper i.e. 1100C 

Heat exchanger 1 

Hot stream: Tin = 900C, Tout = 30.50C 

  Mass rate = 1.0329229 x 107 kg/day 

Cold stream: Tin = 20.110C, Tout =? 

Mass rate = 1.0331234 x 107kg/day 

Heat lost by the hot stream =  mCp (Tin – Tout) 
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Hot stream: Tin = 900C, Tout = 30.50C 

Constituent  Mass (kg) Cp (KJ/kg0C) Energy in (KJ) Energy out (KJ) 

Water + dissolved 

solids (sea water) 

1.0314038 x 107 0.961 x 4.187 3731173295 1264453172 

Na2SO4 1382727113 0.96714 120355.176 407872.8319 

H2SO4 230.0028589 0.3511 x 4.187 30430.53124 10312.56892 

HOCl 4598088068 4.187 17326.97526 5871.919394 

Br2 255.4317179 0.2358 5421.082654 1837.144677 

Total  3732430033 1264879066 

 

Difference = Energy transferred to the cold stream 

   = 2467550966 KJ 

Cold stream: Tin = 20.110C, Tout - Tf 

Constituent  Mass (kg) Cp (KJ/kg0C) Energy in (KJ) Energy out (KJ) 

Water + dissolved 

solids  

1.031527 x 107 0.961x4.187 834665649.1 41505624.11Tf 

Na2SO4 13827.27111 0.96714 268925.1475 13372.90698 Tf 

H2SO4 230.0028589 1.47 6799.174083 338.1042026 Tf 

CO2 1130.33539 0.949859 21590.92993 1073.657485 Tf 

Br2 729.804908 0.2358 3460.638 172.088 Tf 

HOCl  45.98127411 4.187 3871.591732 192.5235 Tf 

Total  834970296.6. 41520773.39 Tf 
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Energy gained of the cold stream 

 = 2467550966 KJ 

 = mCp Tf – mCpTin 

 = 41524773.39 Tf – 83497029.6 

  Tf  = 2167550966 + 834970296.60C 

   41520773.39 

 = 79.540C 

Heat exchanger 2 

In this exchanger, steam (low pressure) at 1300C and 2.70 bar is used to heat 

the outlet stream of the 1st exchanger from 79.540C to 1100C 

Heat needed to heat the stream from 79.540C to 1100C 

 = 41520773.39 [110-79.54] 

 = 1264722757 

The steam used for heating enters at 1300C and leaves the exchanger as wet 

steam at 1300C  it loses its latent heat. 

 mhfg = heat gained by cold stream 

  = 1264722757 KJ 

 

  Mass of steam, m  = 1264722757 
     2.174x103 
    = 581749.1983 kg 
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UNIT 6: Stripping Column 

The conditions of the streams are:- 

Liquid stream:  Tin = 1100C 

   Tout = 950C 

   Tin = 400C 

   Tout = 600C 

The energy balances for the inlet and outlet streams are shown below. 

Energy IN  

Constituent  Mass (kg) Cp (KJ/kg0C) Energy, Q= mCpT (kJ) 

Water + dissolved solids  1.0315271 x 107 0.96x4.187 4.56086819 x 109 

Na2SO4 13827.27111 0.96714 1471019.766 

CO2 1130.33529 0.949859 118102.5063 

Br2 729.8049082 0.2358 18929.67971 

HOCl 45.98088068 4.187 21177.41421 

Air  2.9313x107 0.248x4.187 1.2175166 x 109 

H2SO4 230.0028589 0.3511x4.187 37192.87151 

Total  57800571212 

 

Energy out 

Temperature of outlet liquid = 950C 

Temperature of outlet air = 600C 
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Constituent  Mass (kg) Cp (KJ/kg0C) Energy, Q= mCpT (kJ) 

Water + dissolved solids  1.0314038 x 107 0.96x4.187 3.9384607 x 109 

Na2SO4 13827.27113 0.96714 1270426.165 

H2SO4 230.0028589 0.3511x4.187 32121.11631 

HOCl  45.98088068 4.187 18289.585 

Br (liquid stream) 255.4317179 0.2358 5721.925913 

Br2 (Air stream) 471.37317179 0.2358 6711.431896  

CO2 1130.333529 0.949859 64419.44853 

Air  2.9313 x 107 1.04675 1.8410029 x 109 

Total  5780861290 

 

Energy IN  = 5780051212 

Energy OUT  = 5780861290 

% Difference = 0.014 

 Energy IN = Energy out 

UNIT 10 - MSF Plant 

For this unit, energy balances will be done for the external heater, flash 

chamber 1 and heater 1 and an overall energy balance will be done for the 

unit. 

The flash chamber 1 and heater 1 are assumed to be representing model of 

the other twenty chambers. 

 

Energy balance over the external heater; 
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The heater uses low pressure steam at 1300C as the heating fluid. it is 

assumed that the steam comes out at 1300C as wet steam. 

Temp. of  brine at inlet = ? 

Temp. of  brine at outlet  = 980C 

The heat performance ratio, HPR = 175BTU/lb of distillate  

i.e. HPR = 175 x 1.055 x 103 
   453.6 
 
 = 407.0216049J/g of distillate 

Total heat, Q = 407.0216049 x 1.5 x 109g/day 

   = 6.10524 x 108 KJ/day 

Equating the mass of brine and specific heat we have Q = mCp  T 

    T = (mCp /Q) -1  

Mass of brine = 5164840.790kg/day 

m = mass of brine = 5164840.790kg/day 

Cp = (0.968) (4.187) = 4.10325kJ/kg0C 

 T =  5164840.790 x 4.10326    -1 
   6.10524 x 108 

 =        28.81 

 Tin = 98 – 28.81 = 69.190C 

The mass of steam needed, ms = Q/h 

where h = latent heat of steam at 1300C 
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ms = 6.10524 x 108  KJ 
          2.174 x 103 kJ/kg 

 = 288029.8063kg 

Conditions of the external heater are; 

Temperature of inlet brine  = 690C 

Temperature of outlet brine = 980C 

Temperature of inlet steam = 1300C 

Temperature of outlet steam = 1300C 

Mass rate of brine solution = 5164840.790kg/day 

Mass rate of steam = 280829.8068kg/day 

Balance over heater 1 

Basin: 1kg of brine feed 

Heat loss of vapour from flasher 1 = heat 

Gained of brine flowing through the heater 

.i.e. mv hfg = mbCpb T 

 t = (0.00344) (2268.4) 

  0.96 x 4.187 

  = 1.94 

Tin = Tout – 1.94 

 = 69 – 1.94 = 67.060C 
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Condition of the heater (heater 1) are:  

Mass rate of vapour from flasher 1 = 17769.0523kg/day 

Mass rate of brine flowing through = 5164840.79kg/day 

Temp. of  vapour from flasher 1 = 950C 

Temp. of  brine solution in = 670C 

Temp. of  brine out = 690C 

Heat transferred from vapour to brine 

  = mhfg 

  = (17767.0523) (2268.4) 

  = 40302781.44KJ 

Energy balance over flasher 1 

The balance over flasher taken component wise is as follows. 

Energy in Tin = 980C = 371K 

Component Mass (kg) Cp (KJ/kg0C) Q= mCpT (kJ) 

Water content + dissolved 

solids  

5157789.163 (0.961) (4.187) 203383671 

Na2SO4 6913.635565 0.96714KJ/kg0K 2480674.249 

H2SO4 115.00144274 (0.3511) (4.187) 16567.7338 

HOCl  22.9904034 4.187 KJ/kg0K 9433.575423 

Total  203634047.0 

 

Energy out 

(i) Energy of leaving vapour 
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  = mhfg 

  = (17767.0523) (2668.6) 

  = 47413155.77kJ 

(ii) Brine solution: Tout = 950C = 368K 

Component Mass (kg) Cp (KJ/kg0C) Q= mCpT (kJ) 

Water content + dissolved 

solids  

5157789.163 (0.961) (4.187) 1971576074 

Na2SO4 6913.635565 0.96714KJ/kg0K 2460614.888 

H2SO4 115.0014274 (0.3511) (4.187) 16060.55787 

HOCl  22.99044034 4.187  9144.792502 

Total  1974061894 

 

Total Energy Out 

  = 47413155.77 + 1974061894 

  = 2021475050KJ 

Total energy in = 2036343047KJ 

Energy lost = 14567997.3KJ 

% of energy in that is lost 

  = 0.73 

Again this is an allowable loss in industrial operations. 

Overall energy balance for the 20 flash chambers. 
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ENERGY IN 

Conditions of steam 

Temp. of brine from external heat, T11 = 980C 

Temp. drop per heater drop through all the assuming a uniform drop through 

all the 20 heaters, T total = (20x1.94)0C = 38.800C 

Temp. of brine entering the external heater,  

T21 = 690C 

 Temp. of brine from pre-treatment stages 

   = 69 – 38.8 = 30.20C 

Temp. of final out, T12 = 380C 

The diagram below shows the jacket over which the balance will be taken. 

 

 

  

 

 

 

 

 

 

T21 
T22 

T12 T11 
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ENERGY IN 

Inlet streams into the jacket shown are: 

(i) Brine solution at T11 = 980C 

(ii) Brine solution at T22 = 30.20C 

Component  Mass (kg) Cp (KJ/kg0C) Q1, (T=980C) Q2, (T=30.20C) 

Water content + 

dissolved solids 

5157789.163 (0.961) (4.187) 2033836371 62675367.2 

Na2SO4 6913.635565 0.96714KJ/kgK 2480674.249 2027332.702 

H2SO4 115.0014274  16567.73338 5105.566817 

HOCl 22.9044034  9433.575423 2907.081406 

Total  2036343046 64710712.55 

 

Grand Total = 2101053759KJ 

ENERGY OUT 

The outlet streams of the jacket shown are: 

(i) Brine solution of temp T21 = 690C 

(ii) Brine solution of temp. T12 = 380C 
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Component  Mass (kg) Cp (KJ/kg0C) Q1, (T=690C) Q2, (T=350C) 

Water content 

with dissolved 

solids  

5157789.163 (0.961) (4.187) 1431986833 ……. 

water content with 

dissolved solids 

4596586.286 (0.958) (4.187) ….. 700627075.8 

Na2SO4 6913.635565 0.96714KJ/kgK 2286767.097 2079487.039 

H2SO4 115.0014274 (0.3511) (4.187) 11665.03677 6424.22314 

HOCl 22.9044034 4.187 6617.150855 3644.228007 

Total  1434291882 702716631.3 

 

Grand Total = 2137008513KJ 

The accumulation of heat within the envelope is due to the condensed 

vapour stream moving through the base of the heaters. The heats associated 

with these vapours are calculated as follows 

Stage Temp. Mass of condensate   (kg) hf (KJ/kg) M x hf (KJ) 

1 95 17767.05232 400.2 7110374.338 

2 92 42844.93356 382.6 16392471.0 

3 89 30426.062 372.2 11324580.0 
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4 86 31975.51345 360 11511184.0 

5 83 39268.38571 344.4 13524032.0 

6 80 38106.17551 329.5 1255984.0 

7 77 24780.89321 320.5 7942276.274 

8 74 21640.67146 312 6751889.552 

9 71 31613.97401 298.5 9436771.242 

10 68 36587.7131 283 10354.322 

11 65 35534.08613 268 9523135.083 

12 62 29790.78616 255.5 7611545.864 

13 59 21687.15519 246.5 5345883.754 

14 56 11486.59994 242 2779757.185 

15 53 21558.03424 232 5001463.944 

16 50 26423.31173 220 5813128.581 

17 47 28571.88438 207 5914380.067 

18 44 17658.58147 199.5 3522887.003 

19 41 34155.07437 183 6250378.610 

20 38 19331.98902 174 3363766.089 

Total  162030210.0 
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The law of conservation of energy is ENERGY IN + ENERGY 

GENERATED = ENERGY OUT + ACCUMULATION 

In this case, energy generated within the system = O 

Energy IN = 2661481245KJ 

Energy OUT + Energy accumulated  = 2133357710 + 1.6203021 x 108 

         = 2295387920 

Energy difference = (IN – Total Out) 

   = 2661481245 – 2295387920 

   = 366093325KJ 

% Energy difference as a fraction of energy IN  = 366093325 

           2661481245 

        = 13.755 

This difference in energy is very big. However it should be noted that not all 

the energy difference is lost. The difference is due to the fact that the 

assumption of equal temperature difference across the heaters is erroneous. 

Based on this, the inlet temperature of the brine solution from the 

pretreatment stages < 30.20C 

The effect of this is that the total energy into the jacket is reduced thereby 

minimizing the difference between inlet and (outlet +accumulation) to a 

reasonable value. 

 

x100 



77 
 

3.4 CHEMICAL ENGINEERING DESIGN 

Chemical engineering design concerns the creation of plans and 

specification, and income projection of plants. Chemical engineers generate 

designs according to the client’s needs. Design is limited by a number of 

factors, including funding, government regulations and safety standards. 

These constraints dictate a plant's choice of process, materials and 

equipment. 

3.4.1 Stripping Units 

The unit is concerned with stripping of bromine gas and carbon dioxide from 

the inlet stream of liquid using air. The main mechanism involves the liquid 

flowing counter currently to the air down the column and the later blowing 

off the gasses along with it to the top of the column. 

Choice of Process 

This transfer of mass is best done through a medium in which an efficient 

contact is made between the liquid phase and the gaseous phase2. There are 

two major contactors that can be used for this purpose. They are: 

(i) Finite-stage contactor or plate tower 

(ii) Continuous Contactor or packed tower 

The plate tower consists of trays with specific configuration, on which the 

contacting is done. The liquid flows down the tower by gravity and meets 
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the gas which passes through the openings on the tray before moving out the 

tray below through a downcomer provided. The gas could be made to flow 

co-currently or counter-currently to the liquid. The packed tower on the 

other hand is made up of a packed bed of same kind of packing through 

which the liquid and the gas flow counter-currently. They are both contacted 

with each other on the surface of the packings. 

The packed tower has been chosen for this stripping process in preference to 

the plate tower. The choice has been due to the flowing consideration. 

(a) The liquid throughput containing both the dissolved salts and 

sulphuric acid has a pH of 3.0 making it highly corrosive to metals. 

This renders the use of plate tower which are made of metals useless. 

Whereas packed towers in which materials which are more corrosion 

resistant can be used for its construction and of its packings become 

very useful. 

(b) The operation being non-isothermal and at high temperature must be 

carried out at close to adiabatic condition for high performance. Due 

to this, packed towers have been chosen as its packings can be made 

of low thermal conducting materials. This is against plate towers in 

which its metallic construction causes much heat loss. 
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(c) The process being entirely a blowing one, will involve frothing and 

foaming as the air forces its way through the liquid at high rate. 

Packed columns are therefore used as they have a low degree of this 

liquid agitation than plate tower 2,3,5. 

(d) From (c), a high pressure is developed in the column due to the high 

rates of the streams. This pressure drop has been found to be reduced 

in packed column1,4,6  making it preferred for this operation. 

Packed Column 

This tower consists of a cylindrical shell containing inlet packing which are 

supported at the bottom of the bed with a perforated plate. The liquid and the 

air enter and leave the shell through the nozzles provided and the liquid is 

passed over the packings though a distributor.  

Column Shell 

The shell is made of carbon steel and lined with both acid-proof brick and 

mastic. The internal linings had been used to reduce the action of 

temperature and corrosive condition of the liquid as they can sustain a 

temperature of over 5000C7. The inlet and outlet nozzles of the two streams 

at each end of the towers have been oriented at 900C to each other to reduce 

the possibility of the linings cracking. 
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Packing 

A choice of carbon-grid packings has been made because they are more 

readily wetted than the common random ring packings and can be used for 

higher air rates8. They also have larger free space hence making them more 

suitable for dirty duties. They are used as they have a regular arrangement 

which favours good liquid distribution thereby increasing the efficiency of 

the tower1. Though wood grids are cheaper, they are vulnerable to corrosion 

and high temperatures, and have a lower voidage, making them unsuitable. 

Carbon grids also provide ideal surfaces for uniform wetting without the 

need for cleaning unlike glass, wood and stoneware grids. 

 

The packings have been stacked in a crossed flue arrangement as this 

reduces breaking tendencies and increasing tower rigidity. They also 

improve the wetting of the grids as the liquid drips from the bottom of one 

row to the top of the next, below. A spacing of 6.35 x 10-3m (¼ in) has been 

provided between the slats to prevent splashing unto the walls. 

The carbon slats each has 

 Length:  0.6096m (2ft) 

 Width:  0.0112m (0.44in) 

 Height:  0.0254m (1.0 in) 

Specific surface, ap = 77.43m2/m3 
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Voidage fraction,   = 0.877 

Equivalent viodage diameter, dp = 0.069144306m (2.7222in). 

Packing Support 

Carbon bar-grid plate is used to sustain the weight of the packings at the 

bottom of the bed.  

 

It offers an area comparable with the free cross sectional area of the 

packings thereby aiding the distribution of the stream. 

Liquid Distributor 

A multi-level distributor is used. It brings about a good liquid distribution at 

the top of the bed thereby increasing the effective wetted packing area and 

reducing liquid channelling. Redistribution is reduced as the liquid flows 

essentially in vertical streams8 through the stacked bed. 

Sizing the Column 

From both the material and energy balance over the tower, 

(i) Liquid 

Volumetric flow rate = 10136.27857m3/day 

Mass rate, L = 1.03293911010g/day 

  = 119.5531365kg/s 

Density, L  = 1.01905g/cm3 

   = 1019.05kg/m3 
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(ii) Air 

Mass rate = 2.9341163 x 1010g/day 

    = 339.5967938kg/S 

Density, g   = 9.35947 x 10-4g/cm3 

    = 9.35947 x 10-1kg/m3 

 

 

Column Diameter, D 

Using the generalized pressure drop correlation11,  

In  GF
2ap        (μL)    0.2   = -4    L       0.25   g   

0.125 
       g3Lg     μw                           V              L   
 
Assuming the viscosity of liquid = viscosity of water i.e. μL = μw 

  In     GF
2ap        = -4    L   0.25            g   

0.125 
             g3Lg                V                  L   
 

R.H.S = -4    1.0329391   0.25            9.35947x10-4    0.125 
    2.9341163                       1.01905 
   

= -4 (0.77028129) (0.41723619 

  = -1.285556922 

g  = 9.81ms-2 

L.H.S          = In   Gf
2 x 77.43 

   9.81 x (0.877)3 (0.935947) 1019.05) 
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  = In [0.012268591Gf
2] 

Equating both R.H.S and L.H.S   

 In [0.012268591Gf
2)     = 1.285556922 

 Gf
2 = 22.53694413 

 Superficial mass flux of gas, Gf =4.747309146kg/m2s 

With a 60% offloading 

 Actual gas mass velocity, 

  Gv  = 0.6Gf 

   = 2.848385487kg/m2s 

 Cross – sectional area, A =   V 
                Gv 

    = 339.5967938 m3 
       2.848385487 

    = 119.2243098m2 

Column diameter, D =          4A 

            
 
   =      4 x 119.2243098 

      

   = 12.32075914m 

   or 40.42243812ft 
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Packed Height, z 

Number of transfer units, NTU = 9.05 

 Height of transfer unit, H.T.U = 0.366Gv 
0.31 

               GL    
0.33 

Liquid mass flux, GL = L 
            A 
    = 119.5531365 
        119.2243098 

    = 1.00275805kg/m2s 

 H.T.U = 0.366 (2.848385487)0.31 
   (1.50275805)   0.33 

  = 0.505838601m 

But z = (N.T.U) (H.T.U) 

 = (9.05) (0.505838601)m 

 = 4.577839341m 

 or 15.01915794ft 

The breaking of this tower into smaller units arises from the fact that, to 

obtain proper liquid distribution, the ratio of the bed height to column 

diameter must be more than 7:11. 

In out case, it is about 2:1 which implies we have to build-in many liquid 

redistributors or in otherwise use many smaller units of same height 

connected in parallel. This second alternative was taken. Also channeling is 
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most severe in stacked packed towers and the ratio of the column diameter to 

packing diameter must be at least 8:1 to reduce this. 

Sizing of the Smaller Units 

Packed height, z = 4.577839341m 

Using a ratio of column diameter =   9 
         Packing diameter    1 
i.e. d   = 2 
     dp               1 
 
 d = 9 x 0.069144306m 

 = 0.62229876m 

 = 2.041662599ft 

The number of units required is got by comparing the unit column diameter, 

d with the bulk column diameter, D since the sizing of the column was done 

in diameter basis and not on cross sectional area basis9. 

Number of units = D 
 d 

  = 12.32075914m 
   0.6229876m 
  = 19.77689 

  = 20 units 

Cross – sectional area, a = d2/4 

  = 0.304149952m2 

  = 3.273842835ft2 
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On a basis of 1 day; 

Total air mass through 20 units 

 = 2.9341163 x 107kg 

Air mass through each unit  = 1.46705815 x 106kg 

     = 16.97983969kg/s. 

Total liquid mass through 20 units = 1.0329391 x 107kg 

Liquid mass rate through each unit = 5.1646955 x 105kg 

   or 5.977656829kg/s 

Unit column specifications: 

Leaving 0.3048 in (1ft) space at both ends of the packed height implies. 

 Unit column height  = z + 2(0.3048)m 

     = 5.187439341m 

   or 17.01915794ft 

The allocation of the space had been necessary to give room for both inlet 

and outlet nozzles of the two streams and a clearance between the liquid 

distributor and the top of the packed bed. This helps in enhancing a better 

performance of the tower. 

The units allow a free space of about 6.355 x 10-3m (0.2502 in) between the 

grid, and the walls so that the liquid remains in the grids8. 
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(Number of rows of grids) (Height of each slat) 

   = height of packed bed 

i.e. n1, x 0.0254  = 4.577839341 

 n1 = 180 rows of grids 

(Number of slats in 1 row) (width + 6.355 x 10-3m) = length of slat 

 .i.e. n2 x 0.01755 = 0.6096 

 n2  =  35 slats 

Approximate number of slats in each unit 

   = n1 x n2 

   = 180 x 35 

   = 6300 slats 

And approximate total number of slats required = 6300 x 20 = 126,000 

 

 

 

Pressure Drop (p) 

From available literatures, the last correlation got was that of W.S. Norman8.  

Though the correlation was got for a tower of smaller diameter, nevertheless, 

we shall estimate the pressure drop taking note that such a value is prone to 

errors. 

The correlation is, 

  P = ϪG1.8  lb/ft2/ft of depth 

  z 



88 
 

Where G = gas mass flux 

Ϫ is a dimensional function of the liquid rate having the following numerical 

values 

GL   1b/hr ft2                 Ϫ 
2000      4.00 x 10-1 
 

3000      4.40 x 10-7 

These values of Ϫ have been corrected by a factor of 10-3 since the value 

originally given do not tally with the worked out pressure drop values. 

Using the correlation, 

Liquid mass flux, GL  = 1.00275805kg/m2s 

    = 739.4971b/hr ft2 

Air mass flux, GL  = 2.84835487kgm-2s 

   = 2100.579267 lb.hr ft2 

Assuming Ϫ = 4.0 x 10-7 

Since GL < 2000 lb/hr. ft2 

P = 0.3821821 lb/ft2/ft of depth 
z 

 P = (0.3821821 x z) lb/ft2 

  = (0.3821821 x 15.01915794) lb/ft2 

  = 5.74 lb/ft2 
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  = 28.023kg/m2 

Though this value far exceeds expected value, it is however indicative of the 

fact that with the flow rates we have and corresponding column geometry, a 

high pressure drop is developed in tower which should not be the case1, even 

though entry pressures exceed atmospheric. This therefore, leads to the 

making up of smaller units to collectively (in parallel) handle the throughput 

and thereby reduce the pressure drop, in each unit. It as also shown that, 

comparison of mass flux should only be done in cases where the same 

column diameter is used. 

 

3.4.2 Evaporation Units 

Saline Water Conversation/Desalination Processes 

Fresh water is an absolute necessity to most forms of animals and plants life 

found in land – and especially to the most useful forms. The processes for 

saline water conversion are many of which some are: reverse osmosis, 

Electrodialysis, ion-exchange, water freezing, Distillation. 

 

Reverse osmosis depends on the fact that there are certain membranes, 

particularly cellulose acetate, which allow water, but not salt, to pass 

through them. 
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Electrodialysis, an electrical process and phenomenon is another process 

using membranes. Here a number of membranes, alternatively cation-

permeable and anion-permeable, are placed in the feed water between 

positive and negative electrodes. 

 

Ion exchange processes are advantageous when treating waters having a low 

percentage of salts for they insure either partial or total demineralization as 

needed.  

Water freezing technique is for obtaining fresh water from sea water by 

freezing and partial melting, or from brackish water of low salt content by 

freezing alone.  

Distillation processes – Thermo compression, multiple effect, multi-stage 

flash, long-tube vertical, solar distillation has been employed for a long time 

for industrial purposes. 

 

Distillation Methods 

1. Long tube vertical evaporators. 

2. Multiple-effect evaporators. 

3. Multi-stage flash (MSF) evaporators. 

4. Vapour compression evaporators. 

5. Solar energy evaporators. 
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By distillation is meant a process in which a portion of liquid is first 

evaporated and subsequently condensed. The end product of distillation 

is in the same phase as it was initially, i.e. in the liquid phase. 

1. Long tube vertical evaporators 

More total evaporation is accomplished in this type of evaporator than 

in all others combined, because it is normally the cheapest per unit of 

capacity13. It consists of a simple one-pass vertical shell- and-tube heat 

exchanger discharging into a relatively small vapour head.                 

The largest use of L+V evaporators is for concentrating black liquor in 

the pulp and paper industry. The long tube vertical evaporator is typical 

of those commonly used, especially for black liquor. Feed enters at the 

bottom of the tube, starts to boil past way up the tube, and the mixture 

of liquid and vapour leaving at the top at high velocity impinges against 

a detector placed above the tube sheet. The detector is effective both as 

a foam breaker and a primary separator. 

2. Multiple-effect evaporator 

 A multiple-effect evaporator is one in which there are a number of 

evaporator stages or effects. Coupled in series, each effect operating at 

a lower pressure than the preceeding effect. The vapour leaving the first 

effect is condensed in the heat exchanger of the 2nd effect and provides 
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the heat for second effect evaporation of water. The process is 

continued in series down the chain. Each effect is progressively at a 

lower temperature and pressure and the vapour produced from the last 

or final effect is condensed by a circulating water stream. 

3. Multi-stage flash evaporator 

 The essential features of multi-stage flash distillation can be seen from 

fig. , among these features- That the multi-stage flash system is 

logically related to the multiple-effect system of extending the preheater 

to full condensation duties, and omitting all evaporation heating surface 

entirely, so that all vapour is obtained by flashing. In this process, hot 

brine from the heater is cascaded through a series of chambers each of 

which is at a lower temperature and pressure than the preceeding one 

and in each chamber, a fraction of the brine flashes to steam which is 

condensed on tubes through which the brine returns on its way to the 

heater. 

4. Vapour compression evaporation 

This process entails the compression of vapour given off from a single 

effect evaporator to a higher pressure and temperature for use as 

heating medium of the same evaporator.  

5. Solar Energy Evaporator 
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Here, solar energy is utilized for conversion of saline waters, solar 

energy is absorbed on the beck bottom of the   tray resulting in slow 

distillation of the saline water into the air space above the liquid. The 

vapour condenses on the sloping glass covers and distilled water runs 

down the inside of the glass sheets to channels at the edges of the tray. 

Choice of Process 

The selection of the type of evaporator best suited for a particular service in 

governed by heat transfer consideration and characteristics of the feed and 

product. Points that must be considered are crystallization, salting and 

scaling, product quality, corrosion, and foaming. 

Crystallizing evaporators are used where there is the desirability of 

producing crystals of definite uniform size. 

Salting, which is the growth on body and heating-surface walls of a material 

having a solubility that increases with increase in temperature, is frequently 

encountered in crystallizing evaporators. The selection of the type of 

evaporator best suited for sea water distillation is not depended on 

crystallization and salting as there is little or no crystals formed. The points 

that are therefore worth consideration are heat transfer consideration, 

product quality, scaling, energy requirements etc.  
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Scaling: 

Scaling is the deposition and growth on body walls, and especially on 

heating surfaces, of a material undergoing an irreversible chemical reaction 

in the evaporator or having a solubility that decreases with an increase in 

temperature. The flash process is inherently less susceptible to scale 

formation than the conventional distillation process because the evaporation 

does not take place off the heating surface12. Instead such scale  as does form 

on the heating surfaces is on the inside of the tubes, where it can be more 

readily removed than from the outside. And, the total quantity that forms is 

much less than in the submerged-tube still. Scale does deposit in the inside 

of the shell and on other surfaces, where it does relatively little damage.  

The operating time between cleaning is greater by a factor of ten or more13. 

Product Quality: 

This is another factor worth consideration. Product quality consideration 

may require low hold-up time and low- temperature operation to avoid 

thermal degradation. What makes the flash process better than other 

processes currently available for see water treatment is the fact that there are 

some elements present in allowable concentration in the distilled water. The 

presence of these elements, we know is essential. 

 



95 
 

Energy Requirement (Operational): 

Perhaps the principal advantage of the flash-type evaporator as compared 

with all other processes for producing fresh water from sea water is its 

ability to use waste or low cost energy. To the extent that the energy cost is 

an important fact- and is usually is- this would be a dominant 

consideration14. 

 

In summary, the choice of flash process is based on the consideration that, of 

all the desalting processes currently available, the multi-stage approach is 

the most reliable and economical for producing large quantities of fresh 

water from sea water. 

Materials of Construction 

In the selection of materials for flash evaporators, several factors must be 

weighed viz: Corrosion resistance in an environment of warm brines derived 

from sea water or other saline waters, workability in shop, prices and 

availability of material. 

1. Alloys of copper and Nickel certainly are outstanding in corrosion 

resistance and workability. They are expensive however; the base price 

being around $8/lb. Availability at the present time is fair?  

2. Welded plate steel construction offers perhaps the best compromise for 

lager plants. The basic cost of material is not much greater than cast 
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iron; this disadvantage is largely offset by the fact that fewer lbs of 

material are required for a given shape. The big problem is in corrosion 

resistance18, it would appear desirable to provide any steel shell with a 

coating or lining material which would be resistant to sea water. The 

best lining materials at the present time can be applied for a cost 

between $20 to $30 per square foot; even this price makes the cost of 

the steel plant far below that of a copper-nickel alloy plant, other things 

being equal. 

3. Titanium metal, a new comer to the field, is said to be virtually 

impervious to the action of sea water and is workable as far as the shop 

is concerned20. Its great cost at the present time is the principal deterrent 

to its use, its base price being around $22 per pound. 

4. Aluminum is another material of these evaporators. It has good 

corrosion resistance so long as it is mixed with other metals in the same 

electrical circuit. The presence of copper in the same circuit is 

especially bad, as particles of copper plating out on the Aluminum set 

up local cells in which the Aluminum corrodes very rapidly. 

Generally, the heat transfer surfaces of the flash plant are straight 

Aluminum brass tubes attached to rolled navel brass tube plates. Cupro-

nickel may be considered where the sea water supply contains sand or other 
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corrosion material21, of all the possible materials of construction discussed 

above, cupro-nickel is best. More-so its resistance to sea-water is 

particularly outstanding22. 

Description  Material  

1. Evaporator lower-cover Mild steal (Rubber-lined) 

2. Distilling condenser section, 

comprising. 

(a) Tube plate 

(b) Tubes 

 

 

Non-ferrous (Aluminum) 

Non-ferrous (Cupro-nickel 

Tubes or Aluminum brass tube) 

3. Distiller cover Mild steel (Rubber-lined) 

 

Heating Equipment (External) Design i.e. Brine Heater 

The main types of heat exchanger available for the steam heating process 

are: 

(a) Fixed-tube sheet type 

(b) Expansion joint in the shell type 

(c) The floating head type 

(d) U-shaped tubes type 
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Considering the fact that for the heating of the brine solution, the recovery of 

heat from the steam which is the heating fluid is very important, the 2-4 U-

shaped tube heat exchanger is the most preferable as the external heating 

equipment. Though the use of split segmental baffles, a removable 

longitudinal baffle is inserted in a bundle of tubes. A type of seal is provided 

between the longitudinal baffle and the shell to combat any appreciable 

leakage between the two shell passes and to remove any steam condensate. 

 

It would be seen in the course of the calculation that the temperature 

difference correction factor, FT is greater than 0.90, in fact it is 1.0. This 

prompted the use of a single 2-4 exchanger with a removable longitudinal 

baffle. 

 

The design gives the qualitative and quantitative treatment of the external 

steam heater of the evaporator. 

Factors That Influenced the Choice and Design of the Equipment 

(1) Cost of the set-up:- The fixed-tube exchanger is the cheapest because of 

its ease of fabrication. The next in line is the U-shaped tube type while 

the others are costly. 

(2) High temperature difference between the hot fluid (steam) and the cold 

fluid (sea water): These cause high stresses between the tubes and shell 



99 
 

which may cause loosening of a fixed-tube joints lent which the U-tube 

and others may easily overcome. 

(3) Cleaning ability: The shell-side cleaning is very difficult without 

removing the tube bundle. The use of a U-tube would have been 

rendered unsuitable but steam is being passed outside the tube and 

considering the fact that the material of construction is steam corrosion 

resistant and steam normally a clean fluid, the outsides of the tubes are 

never fouled, hence U-tube is still suitable. 

(4) Nature of the shell side fluid: The shell side is very difficult to clean so 

the cleanest fluid (steam) is placed in the shell. 

(5) Physical properties of the fluids: The steam which has a very low 

viscosity is placed in the shell since it has very high heat transfer 

coefficient. 

Choice of the features 

(a) Shell side Baffles: 

Higher heat transfer coefficients results when the fluid is maintained in a 

state of turbulence. To induce turbulence outside the tubes, it is customary to 

employ baffles which cause the fluid (steam) to flow through the shell at 

right angles to the axes of the tubes. The baffle spacing normally determines 

the shell side velocity. 
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The type of baffles employed is “25% cut segmental baffles with a 

longitudinal baffle inserted through them”. The wider the spacing the more 

the fluid flow tends to be axial rather than across the tube bundles and at 

closer spacing, there is excessive leakage between the baffle and the shell. 

(b)  Tube layout: 

The triangular pitch is preferred to the square pitch in this design because 

high shell side fluid coefficients are needed and are attainable. 

(c)  Tube sizes and Tube lengths: 

 

In the succeeding section, assumption is made concerning the negligibility of 

the heat resistance due to the wall. Hence, the smaller the wall thickness, the 

more the assumption becomes idealized, and the less the overall heat transfer 

coefficient.  

The longer the length of the tube, the more the pressure drop. Hence the 

choice of the ¾” (BWG 18) tube with length, L = 20ft is preferred here. 

Specification of the features 

Tube side (¾” BWG 18) 

Internal diameter, Dt = 0.701 in 

      = 0.01781m 

Outside diameter, D0t   = 0.750 in 

      = 0.01905m 
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Thickness, x (BWG 18)   = 0.049 in 

      = 0.001245m 

Length of each tube, L   = 20ft 

      = 6.0957m 

Pitch size, Pt = 1.33x D0t   = 1 in, triangular 

      = 0.0254m 

Number of passes, nt   = 4 

The smallest diameter of U-bend  

      = 3x Dt 

= 0.05341m 

Clearance between two tubes, C 

= Pt – Dt 

= 0.00759m 

Shell Side: 

These values are to be calculated  

Inside diameter, Ds 

Baffle spacing, B = 3/5 x Ds 

Height of baffle  = 0.75 x Ds 

Type of baffle – longitudinal cut segmental baffles with a little vent between 

the baffles and the shell. 
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Number of baffles, N = 12 x  L -1 
           B 
Number of passes, ns =    2. 

Material of construction – low carbon steel with K = 45.0545 Joule/m2s 

(0C/m) 

Heat exchanger Calculation 

(1) Heat balance 

Heat performance ratio = 175 BTU 
           lb of condensate 

    = 4.07098 x 105 J 
          kg of condensate 
 
Production rate of condensate, m from the MSF plant,  

= 1500 x 103kg/day 

       =  17.361111kg/sec 

Heat production duty rate, Q 

      = 4.07098 x 105 J   x 17.361111kg/S 
              Kg 
 
      = 7.06764 x 106 J/S. 

Cpm of sea water  = 0.95154 x 4186.8 J/kg0C 

    = 3983.899298 J/kg0C 

Mass flow rate of sea – water going to the heat exchanger = ½ x total 

mass rate of the sea water out of the stripping column. 
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i.e. mt  = ½ x 1.032939 x 107 x    1             kg/s 
 

            24 x 3600 
        = 59.776563 kg/s 

Tube side (sea water): 

Outlet temperature, t2 = 980C 

from Qt = mt Cpt T 

 T =    Qt 
    mtCpt 

  = 7.067674 x 107 J/S 
     59.776563kg x 3983.899298  J 
              S              kg0C 
      

= 290C 

Inlet temperature, t1 = 98 – 29 = 690C 

Shell side (steam): 

Inlet temperature, T1 = 1300C 

Outlet temperature, T2 = 1300C 

Heat capacity of steam, Cps = 2000J/kg 

Since the inlet and outlet temperatures of the low pressure steam are same, it 

only means that the heat released is the latent heat of evaporation at that 

temperature. This is a fact because steam generally is an isothermal heater. 

Hence, Qt = msHfg (Hfg = Enthalpy of steam at 1300C 

   (ms = steam mass flow rate) 
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 ms = Qt 
     Hfg 

 = 7.067674 x 106J/S 
    2.174 x 106 J/kg 

 ms = 3.251 kg/s. 

Log-mean temperature difference Tlm: 

Hot fluid (steam)   cold fluid (sea water) 

T1 = 1300C    t2= 980C t2 = 320C 

T2 = 1300C    t1 = 690C t1 = 610C 

 

 

LmTD, Tlm = t2 – t1 =           61 -32 
       In t2       In 61 
           t1           32 
   = 450C 

R =    0/29 = 0, S =  29 = 0.475 
      61 
Checking gives 

 FT = 1.0 (i.e. temp. diff. correction factor) 

 Tln  = 1.0 x Tlm = 450C 

Hence the overall heat transfer rate 

  Q = UAFT Tlm 

  = ŪD AT 
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Assumptions 

i. The overall coefficient is constant 

ii. The mass rates flow of both fluid are constant (i.e. of steam and sea-

water) 

iii. The specific heats of the steam and sea-water at temperatures of 

operation are constant. 

iv. The conductive resistance of the separating wall is negligible. 

As explained earlier, sea-water flows in the tubes while the steam passes 

through the shell. This arrangement eases the cleaning of the tubes. 

Optimum overall heat transfer coefficient, UD: 

Allowable dirt factor, Rd  = 0.0001172 

Required dirt factor, Rd   = 0.0005293 

The range of values of UD = (1135-4000) J/m2s(0C)3 

This is expected when Rd of 0.000117 is used. 

The dirt factor Rd = 0.000529 required for the design gives a corresponding 

UD = 1890 J/m2S (0C) only 

 

Trial 1 

 Assume UD = 1750 J/m2s (0C) 

The heat transfer area, A = QD 
     UDT 
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   = 7.067674 x 106J/S 
    1750J/S m20C x 450C 

   = 89.748m2 

But A = Nt x dt L 

 Nt = number of tubes 

   = A 
      dtL 
 

   89.748 
    x 0.017805 x 6.0957 
   = 263 

Nearest tube count on the tube (table 9) 

   = 278 in a shell of IDs = 21¼ ins 

Hence Ds = 0.539724m 

Corrected coefficient, UD: 

new A = 278  x 0.017505 x 6.0957 

 = 94.7895m2 

UD =     Q 
    A∆T 
 = 7.067674 x 106 
     45 x 94.7895 
 = 1656.9285 Jm2 S(0C)  

Cross-sectional area of each tube, at΄ 

   = /4 (0.017505)2 m2/tube 

   = 0.000249m2 per tube 
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Overall cross-sectional area, at = Nt at΄ 

           
   = 278 x 0.000249m2 
        4 
   = 0.0173m2 

Mass flux, Gt = mt/at = 59.776563 kg/m2S 
     0.0173 
    

= 3455.2924 kg/m2S. 

Reynolds number, Rat = Dt Gt/Ut 

The arithmetic mean of the temperature of the sea water is used in getting 

the mean viscosity of the sea water 

 w at (98+69)0c, 840c = 0.32 x 10-3kg/ms 
    2 

If  sea water = 2w5 =  0.64 x 10-3 kg/ms 

   :Ret = 3455.2927x0.017805 
     0.64x10-3 

= 96, 127 

Linear velocity of the flow, v= Gt 
     Pt 
  = 3455.2927 kg/m3 
       1019.5663 kg.m3    

= 3.3890m/s (11.1193fts-1) 

The value of this linear viscosity has made the use of figure 25 of kern6 

impossible. However, from fig kern7, at Ret  = 96,127 

JH = 255 

nt 
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Sea water heat transfer coefficient, ht is given by 

 ht = JH Kt    CP t   1/3  
              Dt       K 
 =         0.14 where w = viscosity of water at the wall temperature. 
        w 
 
 =  0.64   0.14  = 1.1 
  0.33 
Cp 1/3  = 3983.9 x 0.64 x 103  1/3 = 1.6048 
   K           0.616902 
 

 ht = 255 x 1.6048 x 0.6169 x 1.1 
   0.017505 
   

= 15596.4793 J/m2s (0C) 

The above value of ht is with reference to the inside area of the tube, At. It 

must be corrected to the outside areas since ht0 is normally referred to the 

outside area. 

Hence ht0 = ht At  = ht ID 
     At0           0D 
 

   = 15596.4793 x 0.01781 J/m2s (0C) 
           0.01905 
 

  = 14577.5287 J/m2s (0C) 

The above value of ht0 looks reasonable as it is within a range of (300-

20,0000)J/m2s in table 11-2 of McCabe and Smith. The clean heat transfer 

coefficient associated with condensation of steam is very high compared 

with the other coefficients. 



109 
 

Hence, it can never be the controlling film. Taking the heat transfer 

coefficient, hs0 of steam film = 30,000 J/m2s (0C) (McCabe and Smith) the 

overall heat transfer coefficient (clean) Uc required to fulfill the process 

condition is obtained from the two film coefficients, ht0  and hs0 neglecting 

the pipe wall resistance as asserted earlier. 

From 1 =     1  +   1 
         Uc      ht0     hs0 
 

Uc =   ht0 x hs0 
           ht0 +  hs0 
 
 = 30,000 x 14577.5287 
    30,000+ 14577.5287 
 

 Uc = 9801.4554 J/m2s (0c) 

Dirt factor, Rd: 

From    1 =   1    +   Rd 
            UD        UC 
Rd  = UC – UD  =  9810.4554 – 1656.9285 
           UCUD      9810.4554 x 1656.9285 

  = 0.000502 m2s (0c) J. 

UC = 9810.4554 J/m2 (0c)s 

UD = 1656.9285 J/m2(0c)s 

Calculated RD = 0.000502 m2(0C)S/J 

Required Rd = 0.000529 m2(0C) S/J 
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The above value of UD shows that the initial value assumed is a little bit 

high. 

 2nd Trial 

From 1        =      1     + Rd 
 UD            UC 
 
   

= 1       +  0.000502 
9810.4554 
 UD = 1648.9387 J/m2 (0c)s. 

 
A =    Q   = 7.067674 x 106 m2 
       UD∆T        1648.9387 x 45 
   = 95.25m2 

Nt = A  =  95.25 
        dtL    x 0.017805 x 6.0957 
   = 279 

The nearest tube  count = 278 in a shell of IDs = 21¼ ins. 

New Ds = 0.539724m 

Corrected A = 278 x  x 0.017805 x 6.0957 

   = 94.7895m2 

It could be seen that the corrected heat transfer surface area, A of the two 

trials are the same, hence conclusion that the heat transfer surface area, 

AS = 94.7895m2 

Nt = 278 
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Ds = 0.537724m 

 

(4) Pressure drop, DP 

Tube side (sea water) 

For Ret = 96,127 

 

t  = 0.002247 
          Dt 

 

4f  = 0.0028 

  f  = 0.0005 

∆Pts = pressure drop due to straightness of the tubes 

  = ½ fGt
2 Ln   9 

   ρDtt 
  = 0.0005 x (3455.2927)2 x 6.0957 x 4 

   2 x 1019.5563 x 0.01805 x 1 

   = 0.3645 bar 

∆Ptt  = pressure drop due to the turnings (1800) in the U-tube used 

   = Kρv2 = KG2nt 
10 

         2      2ρ 
 

K = 1.6 (table 14-1, “Welty et al”) 
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 ∆Ptt = 1.6 x 4 x (3455.2927)2 

      2 x 1019.5563 x 1.1 

  = 0.2555 bar. 

∆Pt = overall pressure drop 

∆pts+ptt  

= (0.2555 + 0.3645) bar 

 = 0.62 bar 

 

 

Shell side (steam-low pressure) 

Baffle spacing, B = 3/5 x Ds 

  = 0.323834m 

Clearance between adjacent tubes, C΄ 

    = Pt – Dt 

    = (0.0254 – 0.01781)m 

    = 0.00759m 

Area of flow of stream, as 

   ½ (Ds x C΄ x B) 
    Pt 
   = ½ x 0.5397 x 0.32383 x 0.00759 
     0.0254 

   = 0.026114m2 



113 
 

Mass flux of team, Gs = ms 
     as 

   = 3.251 kg/s 
      0.026114m2 
    

= 124.4929 kg/m2S. 

Since the temperature of steam is constant at 1300c, figure 15 (keen) gives 

with x = 8.0, Y = 16.0, the viscosity of steam, s as 0.37 x 10-5 kg/ms 

Des (equivalent diameter of flow) 

  = 4 ½ Pt x 0.86ρt – ½Dt
2 

 4 
               ½Dt 
4(1 

 2 x 0.0254 x 0.860 x 0.025 1 
 2 (0.01905)2 

  4 
 1

 2 x 0.01905  

= 0.018033m 

Reynolds number of the shell side, Res 

  = Des Ges 
     s    

= 0.018033 x 124.4929 
       137 x 10-5 

   = 163867 

t/D = 4.6 x 10-5 = 0.00255 
 0.018033 

 = 2.55 x 10-3 

4f = 0.025 
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 f = 0.00625 [fig II. 19 Beek] 

Number of crosses, N+1 = L/B 

   = 6.0957m 
    0.323834m 
   = 19 

Hence 19 crosses exist per pass which gives 38 curves for the whole bundle. 

 Ds = 0.939754m 

The pressure drop, ∆Ps = f Gs2 Ds (N+1) 
       2ρDes    
= 0.00625 (124.4929)2 x 0.53975 x 38 
    2 x 1.4945663 x 1 x 0.018033 

  = 0.64 bar 

Hence the overall pressure drop, ∆Ps across the shell = 0.64 bar. 

(5) Optimum thickness Insulation 

The general relation that considers any hot fluid at temperature t inside any 

pipe having length L, inside and outside diameter, Di and Do and mean 

conductivity, Kw, insulated with any thickness ∆x of insulant having a mean 

thermal conductivity Km expressed to the surrounding temperature ta is given 

by 

dt =                                  t -ta 
dc        1      +     Xw            +   x             +       1 
     hiDi          Kw(Dw)       Km(Dm)       (hc+hr) (Ds) 

   
  

= t    -  ta 
      R 
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An increase in heat loss is caused by the insulation under special condition 

since the effect of the added surface offsets reduced temperature of the 

surface. The lower the heat loss, the greater the thickness and the initial cost 

of the insulation and the greater the  annual fixed charges (maintenance and 

depreciation) which must be added to the annual heat loss. 

Here a critical insulation must be chosen. 

 
 
rc =         Km      
           (hc + hr) c 
 
     (hc + hr)c     of the shell = 2.0972 Btu 
      ft2hr 0F       (Table 7: Mc Adams) 

(hc + hr)c = 11.9074 J/m2(0C)s 

Km of the insulation = 0.087 Btu 
             ft2 (0C)/ ft hr 

The type of insulator adopted is the asbestos which is the least expensive and 

readily available. 

 Km = 0.150754 J/m2 (0C/m)s. 

Hence the initial thickness of insulation, 

rc = 0.150754 m 
        11.9074 
  = 0.012660m 
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Summary of results of calculation 

Tube Side      Shell side  

OD = 3/4΄΄ 

BWG = 18 BWG type   ID = 21¼ in 

Pitch = 1΄΄ triangular   Baffle space, B = 12 ¾ in 

No. of tubes = 278    Passes = 2 

Passes = 4     Calculated ∆Ps = 0.64 bar 

Length = 20ft    Allowable ∆Ps = 0.68 bar 

Calculated ∆Pt = 0.62 bar: Allowable ∆Pt = 0.68 bar 

Overall heat transfer surface = 94. 7895m2 

Calculated RD = 0.000502 m2( 0c)S/J:  Required RD = 0.00529 m2(0c)S/J 

Critical thickness of insulation, rc = 0.01266m 

 

The longitudinal type of flash evaporator is employed here and is shown in 

fig below. On a basis of 1 second, the volume of sea water entering the first 

chamber = 0.0586 

 

 

 

 

Vapour space 

xxxxxxxxxxxxxxxxx
Moisture separator 

Condenser tube 

Brine flow in  
Brine weir  

Distillate tray 
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On the assumption that there is enough space left for flashing to take place 

and that the breadth and length of the chamber both equal to the brine weir 

height, 

 h x h x h = 0.05866m3 

 h = 0.389m3 

If flashing chamber height = 4 times the weir height35. 

     
 hflasher = 0.389 x 4 

=1.556m. 
 

Choosing a total height (condenser + flasher) = 2.4384m34 

i.e. hc + hf = 2.4384  

or hcond = 0.8824m 

Chamber specification 

Weir height = 0.3890m 

Chamber height = 2.4384m 

Condenser height = 0.8824m 

Flasher height = 1.5560m 

Length = 0.389m 

Breadth = 0.3890m 
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Condensing Section Design 

Calculation of a horizontal fresh water condenser required for the 

condensation of 747.84kg/hr of substantially water vapour coming from the 

top of a flashing chamber operating at (vapour pressures of water = 0.86 bar) 

at which it flashes at 950C (368k), sea water at 69.040C and leaving at 710C 

is used as the cooling medium. The condenser is a 1-2 type. 

Solution 

(1) Heat Balance: 

Water vapour, Q = 747.84 x 2268.4 

     = 1696400 KJ/hr. 

Sea water, Q = 216451.5193 x 4.006959 x (71-69.04) 

    = 1696400KJ/hr 

(2) ∆t: 

Hot fluid  Cold fluid difference 

950c Higher temp. 710c 24 

950c Lower temp. 69.040c 25.96 

0 Differences 1.960c 1.960c 

 
∆t = LmTD = ∆t2– ∆t 1 

In (∆t 2/∆t 1) 
 

 

∆t2 

∆t1 
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∆t = LMTD =  24 – 25.96 
                  ln    24 
    25.96 
                           

 = 250C 

(3) Assume UD  = 6995.06077 KJ     36 
       hrm2 0C 

Heat transfer surface, A  = Q 
        UD∆t 
  = 1696400.256KJ/hr 
      6959.06077 x 250C x KJ 
        hr. m2 0C 
 
       9.69993m2    
  
Assuming that 0.389m tubes are used and tube to be 0.0127m in O.D, 16 

BWG on 0.0238125m triangular pitch. 

   No. Of tubes, Nt 

   = 9.69993m2 
       0.389m x 0.039898m 
    

= 625 

(4) Dirt factor, Rd: 

Rd = 0.00003 (hr) (m2) (0c)/KJ36 

(5) Clean overall coefficient, Uc: 

From Uc – UD   = Rd 
 UcUD  
 
i.e. Uc – 6995.06077  = 0.00003   = 0.00003 
      6995.06077 Uc 
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 Uc = 8852.84681 KJ 
               hrm20c 
 

Cold fluid: tube side, sea water. 

(6) Flow area/tube, at΄ = 6.94192 x 10-5m2  36 

at = total flow area 

 = Nt (no, of tubes effective for condensation) x at΄/no. of tube passes 

  
         =   625 x 6.94192 x 10-5m2 
   2 
 
 = 0.0216935m2 

(7) Gt = mass velocity 

  = weight flow of cold fluid, kg/hr 
at (m

2) 
    

= 997, 771.26 kg 
      hr.m2 
Velocity, V  = Gt 
     3600ρ 
    

= 9977771.26 kg/hr.m2 
      3600 s  x 1000kg x 1.025 

  hr            m3 
 
   = 0. 2704m/s 
 (8) At t   = 250c 

   (same as water)   = 1 x 10-3   N-S 
          m2 
D = inside diameter of tubes  
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 = 9.39799 x 10-3m 36 

Ret = Reynold’s No. 

 = DGt    (for pressure drop only) 
        
= 9.39799 x 10-3m x 997771.26 kg/hr.m2 
     1 x 10-4 x 3600kg x m 
            hrm2 
    

= 26,050 

(9) hi, heat transfer coefficient for inside fluid: 

   = 59461.879 x 1.08 KJ 
         hr.m2 0c 
   = 64218.829 KJ 
      hr.m2 0c 
 

(10) hio, value of  hi when referred to the tube outside diameter KJ/hrm2 0c 

= hi (ID/OD) 

=64218.829x9.39799x10-3 

  1.27x10-2 
= 47521.882 KJ 
    hr.m2 0c 
 

(11) h0 heat transfer coefficient for outside fluid: 

From Uc = hio ho 
  hio + ho 
i.e. 8582. 84681 = 47521.882ho 

 1    47521.882 + ho 
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 ho = 10715.73  KJ 
   hr.m20C 
 

Pressure drop 

(1) For Ret= 26,050 

 f  = friction factor 

     = 0.00021 

(2) Tube pressure drop, ∆Pt: 

= fGt2 Ln   38 
5.22 x 1010 DSt 
 

Where 

 f = friction factor, dimensionless 

 L = tube length, m 

 D = inside diameter of tube, in 

 S = specific gravity, dimensionless 

 t = 1 

 ∆Pt  = 0.00021 x (2043561.877)2  x 1.276246719 x 2 
  = 5.22 x 1010 x 0.03083 x 1.025 x 1 

  = 0.09254 atm (i.e. 1.36psi) 

(4) ∆Pr, return pressure drop 

= (4n/s)(V2/2g΄) 
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where g΄ = acceleration due to gravity 

  =  4 x 2       8.862 
      1.025      2x32.1 

  = 0.64916 atm (i.e. 9.54psi) 

Total pressure drop, ∆PT = ∆Pr + ∆Pt 

  = (0.64916 + 0.09254) atm 

  = 0.7417 atm (i.e. 10.9Psi) 

Summary 

ho, heat transfer for outside fluid 

  = 10715.73 KJ 
         hr.m2 0c 

hoi, heat transfer for inside fluid 

  = 47521.882 KJ 
    hr.m2 0c 

Clean overall heat transfer coefficient, Uc 

   = 8852.84681 KJ 
        hr.m2 0c 

Overall Design Coefficient, UD 

      = 6995.06077 KJ 
         hr.m2 0c 

Required dirt factor, Rd = 0.00003 (hr) m2) (0c) KJ 

Calculated ∆P for cold fluid 

  = 0.7417 atm 
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Allowable ∆P for cold fluid 

  = 1 atm 

In the condenser part of the flash plants, sea water is in the tubes because 

when water flows in the tubes, there is no serious problem of corrosion of 

the channel or floating-head cover, since these parts are often made of cast 

iron or cast steel39. 

 

The condenser is a 1-2 fixed-tube sheet type because a shell-side passes are 

more commonly used in industrial application and fixed tube-sheet because 

they are used more often than any other type39. 

 

A triangular pitch layout is chosen because only this geometry of tubes for 

exchangers are accessible for external cleaning and causes lower pressure 

drop when fluids flow in the direction indicated below40. 

 

  

 

 

3.5 SPECIFICATION OF OTHER UNITS 

The other units in the flow sheet that are not designed in the previous 

sections include; all the holding tanks (for chemicals) and reaction tanks, the 

Direction of 
fluid flow 
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gravity setting tank, the piping system from the sea to the plant and the 

primary pump. 

In selecting a material for the construction of any of the units above 

consideration is given to the duty to perform, the possibility of corrosion and 

the cost relative to other alternatives. In the final analysis, it is the cost that 

determines the choice out of a number of possible materials. 

 

3.5.1 Vessels Holding Tanks and Reaction Tanks  

Gravity Settling Tank 

This tank is to handle the water directly from the source (sea). The possible 

materials of construction considering the nature of the feed are copper-nickel 

alloy (30% nickel), hastealloy D (82%Ni, 9%Si, 3% Cu) and silicon ion. The 

corrosion resistant properties of these materials make them suitable for the 

job. In terms of cost and some other properties of the materials, the best 

choice is the hastealloy D. It is cheaper than copper-nickel alloy but a little 

dearer than the silicon ion. It however has the advantage of easy 

machineability over silicon ion. 
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Size of the Tank 

The tank should be designed such that its capacity is equal to a retention 

time of 5 minutes for the sea-water stream. 

Daily volumetric flow rate of sea-water. 

    = 10136.17928m3 

    = 422.3408m3/hr 

For t = 5mins, the volume of tank 

    = 422.3408 x 5 

     60 

    = 35.195m3 

  or      9.297.5 U.S gallons 

Assuming a cylindrical shape and fixing the diameter as 3.05m  = 10ft, the 

length. 

L = 4V  = 35.195x4 
      d2       (3.05)2 
 

= 4.817m or 15.8 ft 

 

Softening Tank 1 (soda ash process tank) 

(a) Holding tank for soda ash 



127 
 

The nickel-copper alloy is the most suitable material of construction due to 

its ability to handle caustic and alkalis. 

Size of the tank 

Daily requirement of Na2CO3  

     = 10034.91578 kg 

     = 418.055kg/hr 

Density of Na2CO3   = 2533kg/m3 

 volume /hr   = 0.16504m2 

and volume/day   = 3.961m3 

Let the volume of the holding tank 

   = ½ [daily Na2CO3 volumetric requirement] 

i.e. V = ½ (3.961)m3 

  = 1.9805m3 

Assuming a tank of cubic dimension, then L3 = 1.9805 

 L = 1.256m. 

(b) Reaction tank 

Nickel copper alloy is also the most suitable material due to its ability to 

handle alkali solution. 

The size of the tank should be such as to hold the sea-water about 2.5min 

volumetric rate of sea-water = 10136.17m3/day 
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= 422.3408m3/day 

For t = 2.5mins. volume of tank 

 = 422.3408 x2.5 
60 
 
=17.597m3 

 

If tank is of cylindrical shape 

=πd2l = volume 
     4 

Assuming d = 2/3l 

Then height of tank, l =     9(17.597)   
    Π 

Or l = 3.694m 

From d = 2/3l 

 d = 2.6427m 

Settling tank 2 [for Ca2CO3 ppt. removal) 

The material of construction should be the same as that for the settling 

 tank 1. 

i.e. hastealloy alloy D. 

If the size is half that of the settling tank 17.5975m3 

Volume = 17.5975m3 

Assuming a cylindrical shape with diameter, a = 2/3L 

1/3 
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 L3 = 17.5975 
        9       

 L3 = 9 x 17.5975 
       

 L = 3.694m 

Softening tank 2 [H2SO4 addition process] 

(a) Holding tank for acid 

This tank should be made of carbon steel. The material chosen is the 

most common, cheapest and most versatile of all used in industry. It is 

particularly suitable for the present job because it is corrosion resistant 

and can handle sulphuric acid of concentration above 90%. The acid 

used in the process has a percentage of 98 hence; carbon steel is a 

suitable material. 

Size: 

The sulphuric acid requirement is 

   = 1755.4533kg/day 

   = 73.1439kg/hr 

Density of acid = 1840kgm-3 

 volume of acid required on a daily basis 

   = 1755.4533m3 
    1840 
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   = 0.954m3 

Hence, the H2SO4 holding tank should have a volume of 1m3. 

(b) Reaction tank 

This tank will contain sea water with varying concentration of sulphuric 

acid. Since acid concentration in this tank is far less than 90% then carbon 

steel is not a suitable material of construction. The recommended material is 

hastealloy D which has the advantage of being able to handle solutions of 

sulphuric acid of varying/any concentration. 

Size: 

Assuming the volume of the tank is such that it can handle the sea water rate 

for a retention time, t = 2.5mins. 

 Volume of tank, = 17.597m2 

If of cylindrical shape with diameter = 2/3 l,. 

Then  d2l = 17.597 
     4 

 l = 3.694m 

And d = 2.463m  

Chlorination tank 

(a) Holding tank for sodium hypochlorite 
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Hastealloy  alloy D is to be used for this purpose. Its choice is based on its 

resistant nature to dry and wet chlorine, hypochlorite and chloride solution. 

Size: Daily dosage of NaOCl  = 405.447kg 

     = 16.593kghr-1 

Assuming that the density of NaOCl is about that of water (due to lack of 

information in literature as to what the actual value is). 

The volume of the hypochlorite solution 

= 0.4054m3 

 The volume of the hypochlorite holding 

tank = 0.5m3 

Reaction tank 

The material of construction should be the same as for the holding tank .i.e. 

hastelloy D. The reasons for the choice are its resistance nature to day and 

wet chlorine, hypochlorite and chloride solutions. 

Size: 

On the assumption that the tank is of equal dimension as for H2SO4 

reaction, tank 

 Length; L = 3.694m 

Diameter, d = 2.463m 
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Polyphosphate tank 

(a) Holding tank 

The material of construction should be stainless steel austenite. This is 

because the material can handle the polyphosphate solution without any fear 

of attack from the base. 

Size: Capable of handling polyphosphate daily requirement of 25.824 kg. 

Since there is no information as to what the density of the polyphosphate is, 

it is hereby assumed that the size be 1m3. 

(b) Reaction tank 

Phosphate in the presence of sulphuric acid is likely to form phosphoric acid. 

Therefore, the material of construction should be such that can handle the 

continuation of sea water, sulphuric acid and possibly phosphoric acid 

characteristics. The hastealloy alloy D is again the recommendation material 

of construction because of its anticorrosion property. 

Final Product (Distillate) Tank 

This tank is to handle the final product which is the distillate required for 

product addition to form potable water. The recommendation material of 

construction is carbon steel. It is the cheapest material used in chemical 

industries. Apart from its cheapness, carbon steel is not affected by fresh 

water. 
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The size of the tank should be at least equal to the daily production of 

1,500m3. This can be achieved in many ways of which having tanks of 

smaller sizes to add to 1500m3, is one. 

 

3.5.2 The Primary Pump Specification 

Pumps generally are used to provide energy for the transport of fluid from 

one point to another. In selecting a pump for a specific purpose, one has to 

focus attention on special characteristics of the pump such as the capacity, 

head requirement, the power required to run the pump, the pump cost, the 

efficiency of the unit and other specification. 

Considering the above characteristics of the existing pump, we can easily 

make the least choice out of them. The most common pumps are positive 

displacement centrifugal types. The former could be the reciprocating or 

rotary pump. 

The centrifugal pump is the most favoured choice for this design due to the 

following reasons. 

(1) Simplicity on design 

(2) Low initial cost 

(3) Low maintenance, and 

(4) Flexibility of application 
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In the specification of this primary pump, it is assumed that the sea water is 

incompressible. Hence the energy and Bernouli equation would be used. 

The centrifugal pump usually operates on constant speed and the capacity of 

the pump depends on the total head, H, the efficiency, η and the power input, 

pa The pump is designed to operate at 10136.139m3/day = 18.595655gpm x 

102 and to have a speed of 1775rpm. 

At the above capacity, the total pressure head created by the pump = 90ft = 

27.43066m   (   ). The efficiency of the pump, η  = 0.77 

The break horsepower, P = 55BHP 

If P2 is the pressure at the entrance to the pump, z2 is the height of the liquid 

surface above the pump center line at the section inlet and v2 in the linear 

velocity of the sea water into the pump, ∑ is the total friction losses in the 

piping system. 

Assumption 

(1) The height z2 = 3.00m and  

(2) ∑F = 5Psi = 1.131KN/m3 = Head of 0.112429m 
              100ft 
 

 

 

 

V1  

2  

z1 

z2 

P2, V2 

P1  
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∆H = 27.43066 = P2  + z2   + V2  + F 
         ρg             2g 
 

P2  = ρg (27.43066 - z2 – V2
2   -   F) 

          2g 

The optimum diameter of the piping is chosen equal to 12.69ins = 

0.3223m (piping section). 

Hence linear velocity, v2 = Q 
     A 
              1 
   = 10136.179 x24 x 3600 
        /4 (0.3223)2 

   = 1.43797ms-1 

For the sea water, ρ =  1025kgm-2 

The acceleration due to gravity, g = 9.8ms-2 

 

Hence P2 = 1025 x 9.81 (27.43066 -3 – (1.43797)2 – 0.112479) 
         2x9.81 

   = 2.434658 x 105 N/m2 

   = 2.4346 bar 

NPSH of a pump is defined as the difference between the static head at 

the suction inlet and the head corresponding to the vapour pressure. 

P2 = 2.4346 bar 

At 250C, vapour pressure of sea water 

 Pv = 0.032 atm = 0.03304 bar 
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NPSH = P2 – P1 
                 ρ 

  = (2.4346 – 0.03304) x 105 
             1025 

  = 23.88m 

Power input into the pump = BHP 
           η 

    = 41.03kw 

        0.77 

    = 53.2857 KW 

Hence the characteristics of the centrifugal pump needed for the 

conveyance of the 10136.179m3/day of water from the sea are  

   NPSH = 23.88m 

Speed, ηs = 1775 rpm 

Efficiency, η = 0.77 

Break Horse power, P = 55 BHP = 41.03 KW 

Power input = 53.2857 KW 

 

3.5.3 Piping Network 

For the conveyance of sea-water from source to softening vessel (s). 

Piping is used as a general term in referring to any type of closed conduit for 

transportation of fluids or materials. In chemical process industries, piping 
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can be considered as the arteries and veins of the plant supplying the life-

giving fluid essential to keep the plants running. 

 Material of Construction 

Carbon steel pipes are preferred for this duty because on the following 

reasons:  

(a) No Brittle failure: Below some limiting temperatures, steel pipes are 

notch sensitive and can crack at lower-than yield-point stress with 

little or no deformation and adsorption of energy41. The problem of 

brittle failure would not arise as temperature even as low as 00F can 

never be attained throughout the operation in the pipes. 

(b) No high temperature hydrogen attack. As service temperature 

increases above atmospheric, the likelihood of brittle failure 

decreases, so carbon steel still may be the best material to use42. 

Because of low temperature, there would not be hydrogen attack 

problem as well as sea water stream contains no hydrogen. 

(c) Corrosion resistance: Carbon steel corrodes at substantially the same 

rate. The corrosion existence depends upon the formation of an oxide 

surface film. Because carbon steel pipes can be used where there is 

no acid (sulphuric, hydrochloric, phosphoric, Nitric) the use of it here 

is justifies. Brines and sea water corrode steel at a slow rate 
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(d) Cost – Carbon steel is the most common, cheapest and most versatile 

metal used in industry for piping purposes. 

 

3.5.4   Pipe Selection 

The procedures involved in pipe selection are: 

(a) Determine the inside diameter for flow. 

(b) Select a pipe material and size which closely approximates the desired 

inside diameter and has a safe wall thickness to withstand internal 

working pressure. The schedule number is given by the expression. 

Schedule No. = 1000Ps    
44 

       Ss 

Where Ps = internal working pressure, psi 

  Ss = allowable stress, psi 

The internal optimum diameter of the pipe is found with the use of the 

formula. 

Di, opt = 3.9qf 
0.45 ρ0.35 (45) 

where qf = flow rate, ft3/s 

ρ = fluid density, 1b/ft3 

Sea-water intake of 10136.2753m3/day is equivalent to 

 10,136.27853m3 x 1day x 1hr x       1fts 
   day     24hrs   3600s      (0.3048)3m3     
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   = 4.143047430ft3/s 

Density of sea water 

  = 1.025 x 62.37 1b/ft3 

  = 63.92925 1b/ft3 

 Di, opt = 3.9 (4.143047432) 0.45 (63.92925)0.13ins 

   = 12.69ins 

Using schedule numbers of 40, i.e standard pipes, from schedule number = 
1,000Ps 
 Ss 

 40 = 1,000Ps 
     Ss 

 Ps = safe working pressure 

  = 0.045Ss  psia 

If seam-less steel piping of ASTM serial designation A 106 is used. 

  Ss = 16,000 1b/in2    (46) 

   Ps = 0.04 x 16,000 

  = 640 psia 

Pipe specification is therefore 

Material of construction:- carbon steel 

Normal pipe size = 14ins 

Schedule number, = 40 (standard pipes) 
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Internal diameter, Di = 13.124ins 

Thickness of pipe, t = 0.438 in 

Safe working pressure, Ps = 640PSia 

The pipe diameter specified above is the optimum. Theoretically, this is the 

diameter that gives the least total annual pumping fixed changes. 

 

3.5.5    Pipe Arrangements or Layout 

The piping is above ground. These lines are easier to install and repair and 

are free from underground corrosion. Buried lines are hard to maintain and 

create a hazard since leaks are hard to locate. 

Because the sea intake is so high (10136.28m3/day) and because pipe lengths 

are generally limited in length 22ft, it is necessary to use bundles of pipe 

connected together. Threaded fittings (up to 3ins normal pipe size) or 

flanges serve this purpose and that of changing the direction of flow. Valves, 

flow meters and many other piping auxiliaries are also used here to regulate 

the flow, or to obtain desired condition in the flow system. 

 

Pipe supports – support fixtures, Hanger rods made of pipe straps, chains, 

bars, or threaded rods are used for supporting the pipes. These permit free 

movement for thermal expansion or contraction. 
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3.6 PROCESS PRODUCT MAKE-UP 

The distilled water from the multi-stage flash (MSF) plant even though 

contains little traces of some vital elements; the water still has to be treated 

to meet World Health Organization (WHO) standards. These standards are 

set for the qualities of drinking water such that transportation and delay in 

pipes before use will not affect the drinkability of the water. These standards 

also ensure that the water is tasteless, odourless and colourless. 

World Health Organization (1971) International Standards for substances 

and characteristics affecting the acceptability of water for use are given 

below: 

Substances or characteristics High-desirable level 

(gm-3) 

Maximum Permissible level 

(gm-3) 

Total solids  500 1,500 

pH range 7.0 to 8.0 6.5 to 9.2 

Aniomic detergents  0.2 1.0 

Mineral oil 0.01 0.3 

Phenolic compounds  0.001 0.002 

Total hardness (100 gm-3 CaCO3) 500 gm-3 CaCO3 

Calcium 75 200 

Chloride  20 60 

Copper  0.05 1.5 

Iron  0.1 1.0 
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Magnesium  Not more than 300gm-3  

if there are 250gm-3 of 

sulphate: if there are less 

sulphate magnesium up 

to 150 gm-3 may be 

allowed 

 

150 

Manganese 0.05 0.05 

sulphate (as SO4-2) 200 400 

Zinc  5.0 15 

 

If the hardness is much less that this, other undesirable effects may be 

caused, for example heavy metals may be dissolved out of pipes. 

Fluorides:  Since volume of water drunk depends on the temperature, limits 

must also be dependant on the temperature. 

 From 100C to 200C – 0.9 to 1.7 gm-3  

   260C to 320C  - 0.6 to0.8 gm-3 

Nitrate:  Maximum concentration of 450 gm-3 of nitrate. 

 = 10 gm-3 Nitrogen. 

Polynuclear aromatic hydrocarbons: Total in water is 0.2 mgm-3 
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Toxic chemicals: For man of 75kg consuming 2.5 litre day-1 

 

Chemical  gm-3 

Arsenic  0.05 

Cadmium  0.01 

Cyanide  0.05 

Lead  0.1 

Mercury (total) 0.0001 

Selenium  0.01 

 

The additions of these substances into the distilled water is done making 

sure side reactions are controlled and formation of other substances is 

discouraged. The compounds and metals or elements are either added in the 

pure form or as salts which are economical. 
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CHAPTER FOUR 

RESULTS AND DISCUSSIONS 

4.1 GENERAL MSF PROCESS 

Water seems to be a superabundant natural resource on the planet earth. 

However, only 0.3 per cent of the world's total amount of water can be used 

as clean drinking water. Man requires huge amounts of drinking water every 

day and extracts it from nature for innumerable purposes. As natural fresh 

water resources are limited, sea water plays an important part as a source for 

drinking water as well. In order to use this water, it has to be desalinated. So, 

sea water desalination is a real challenge for modern civilisation. The base 

method for sea water desalination is distillation. Approximately 620 kWh of 

evaporation enthalpy is necessary to obtain 1 t of drinking water. In 

technical installations, a multiple stage flash (MSF) evaporator is used 

requiring approximately 100 kWH/t (hot steam at 2 bar) and 3.5 kWh/t of 

electric energy for pumps. 

The Multi-Stage Flash (MSF) plants are the majority of desalination plants 

in the Middle East. MSF plants in the Middle East are currently producing 

over 70% of the total world capacity of land-based desalting. Such cannot be 

said about our country Nigeria with abundant resources and raw materials 
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but scarce potable water available for its larger citizens. The MSF process is 

used in large-scale distillers to produce potable water from seawater. In 

essence, the process involves heating seawater to a high temperature then 

passing it through a series of chambers (or stages) where the pressure and 

temperature are reduced progressively. This process causes the sea water to 

boil at each successive stage. The vapor thus released is condensed and 

collected as distilled water. The process of boiling by pressure reduction is 

known as "flashing". 

 

In the MSF process, the seawater is invariably heated by low-pressure steam 

from an associated power plant. A technique known as "brine recirculation" 

improves the distiller efficiency so that it is possible to produce between 8 

and 10 times as much distilled water as the steam consumption of the brine 

heater. This quantity is defined as the performance ratio of the unit. The 

success and popularity of the MSF process is due to its simplicity, inherent 

robustness and vast amount of acquired experience which resulted in 

reducing material and operating costs and increasing reliability. 

 

The qualitative and quantitative block diagrams of this design project are 

presented in pages 179 and 180 (appendix 2 & 3) respectively. 
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4.2 OPTIMISATION OF THE MSF PLANT (Optimum economic 

choice of number of stages) 

Optimization is most usefully applied over a fairly narrow range of variables 

where the parameters do not move too far into untried region. 

As a guide for an approximate idea of the optimum choice of the number of 

stages for a multi-stage flash plant, Perry and Chilton, 7 suggest that the 

number of stages is between 3 to 4 times the steam economy. 

However, infinite number of stages theoretically gives the maximum rate of 

distillate production. 

The steam economy is defined as: 

S = pound (kg) of Distillate 
        pound (kg) of steam 

    = 1500 x 1000kg 
         280829.8068kg 

 S = 5.34 

 Number of stages  4 (5.34) 29 

      = 21.36 

 N = 22 stages. 
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4.3 PRESENTATION OF RESULTS 

Iterative Solution 

This value can now be used as an initial guess for the optimum number of 

stages and improved guesses are obtained via an iterative technique. 

Data for the iterative evaluation of masses of distillate produced per stage 

for 22 stages of the MSF plant were fed to the computer and the results are 

attached. 

Iterations for 20 stages and 24 stages are shown below: (calculation in desk 

calculated for 20 stage MSF plant. 

Stage  Mass of distillate  Stage  Mass of distillate (kg/kg sea) 

1 0.00344kg 11 0.00688 

2 0.008295kg 12 0.005768 

3 0.005891 13 0.004199 

4 0.006191 14 0.002224 

5 0.007603 15 0.004174 

6 0.007378 16 0.005116 

7 0.00419 17 0.005532 

8 0.006121 18 0.003419 

9 0.007084 19 0.006613 

10 0.007084 20 0.003743 

 

Total mass of distillate produced (20stages) 

   mT = 0.108659kg/kg of sea water 
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The results (desk calculation) for 24 stages are as follows: 

Stage  Mass of distillate  Stage  Mass of distillate (kg/kg sea) 

1 0.003972 13 0.003658 

2 0.005763 14 0.005252 

3 0.005993 15 0.003894 

4 0.005209 16 0.004005 

5 0.00392 17 0.00418 

6 0.007244 18 0.002392 

7 0.004618 19 0.007469 

8 0.004439 20 0.003189 

9 0.004374 21 0.003194 

10 0.005147 22 0.007078 

11 0.00417 23 0.007078 

12 0.006832 24 0.00050 

 

Total mass of distillate produced (24 stages) 

 mT = 0.109043kg/kg sea water 

Total mass of distillate produced (22 stages) 

 mT = 0.110552 (from the computer results) 

Clearly, the increase in mass of distillate produced for two additional stages 

does not justify the added cost of including the stages. 
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Furthermore, by total recycle, about the same amount of distillate can be 

produced twice from a given number of stages. Hence recycle should be 

preferred to additional units. 

Analytic Solutions 

Silver gives the following expressions for the specific cost of distillate and 

optimum performance ratio: 

K = A + B   n - Cn ln     n       +  E              ….  (1) 
md         md       n-R        R 
 

RO =  E  1 + 4n2C - 1            ….. (2) 
  2nC   E 
A, B, C are capital cost coefficients related to the specific volume of the 

plant, plant capacity, and the cost of heat transfer respectively. 

 

Silver values of A, B, C updated to 1973 and with an annual load factor of 

70% (ratio of actual annual output to the designated annual output) and with 

maximum brine temperature of 930C are as follows: 

 A = 17.4 x 10-4 Pkg-1 

 B = 11.8 x 10-2 P(kg/hr)-½, 

 C = 15.6 x 10-5 Pkg-1 

For any given number of stages n, and specific performance ratio, the 

optimum performance ratio can be found from equation (2) and substituted 

in eqn. (1) to give the specific water cost. This procedure is repeated for 
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several values of n to determine the maximum specific cost of water. There 

will however be an upper limit to the number of stages in any plant set by 

practical considerations. 

 A = volume parameter; B = staging parameter 

 C = surface parameter; E = energy parameter 

 K = operating cost; P = pressure. 

 n = number of stages; md = rate of distillate product;  

R = performance ratio; Ro = Optimum performance ratio  

T = temperature; TP = saturation temperature of brine. 

 

For n = 20 (assume N140 = $ 1.00) 

md = 0.108659kg; E = N5/106Btu 

  1 Btu = 1.055KJ 

 E = 5 x 100p 
  140 
        106 (1.055) KJ 

 E = 3.38524 x 10-6 P/KJ and RO is obtained by equation (2) as follows: 

 RO =   3.3552 x 10-6           1 + 4(20)2 (15.6 x 10-5)   - 1 
  2(20) 15.6 x 10-5)           3.38524 x 10-6 

 RO =  0.14676856 

and k = 17.4 x 10-4 + 11.8 x 10-2   20 
        md        0.108659 
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    - 15.6 x 10-5  (20)   In     20         + 3.385 x 10-6 
              20-0.15          0.15 

 

 

 k  = 2.2567 x 10-5    + 1.60263981 - 2.34881 
      md  = 1.6026 P/kg. 

n = 24 

RO = 3.3852 x 10-6   1 + 4(24)2 (15.6 x 10-5)     -1 

    2 x 24 (15.6 x 10-5)    3.38524 x 10-6 
     

               = 0.1468534 

and from (1), 

K   = 17.4 x 10-4  + 11.8 x 10-2      24 
md       0.109043 
 
 

- 15.6 x 10-5  (24) ln      24  + 3.38534 x 10-6 
24-0.15            0.15 

  

= 1.7506071 + 17.4 x 10-4  + 2.2566 x 10-5 

- 2.3473 x 10-5 

= 1.752346 

Hence,  

K   = 1.603 Pkg-1 
md   n= 20 
 

and   k   = 1.752 Pkg-1 
        md    n= 24 

Assuming; for the purpose of analysis that silver condition hold.  
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4.4 ECONOMICS OF THE PROCESS 

An investment in a manufacturing or production process must earn more 

than the cost of capital in order for it to be worth-while. The larger the 

additional earnings, the more profitable the venture and the greater the 

justification for putting the capital at risk. 

 

A profitability estimate is an attempt to quantify the desirability of risk 

taking. To ascertain the economic viability of the present project, the 

following profitability estimates will be provided: 

1) The break-even point for the multi-stage flash operation, assuming a tax 

holding for the first year of operation – BEP. 

2) The net annual profit after tax (annual income tax, and tax on profit) – 

ANNP 

3) Rate of return on depreciated investment after tax (annual income tax and 

tax on profit) 

4.4.1 Break-Even Analysis for the MSF Plant. 

Break-even analysis deals with the study of revenue and cost, by directing 

attention to total revenue and total cost. This analysis can be handled 

algebraically or graphically. The two approaches give the same result. The 
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algebraic approaches shall be used, while the result will be displayed on a 

sketch of what is known as the Break-even chart  

The Break- even point can be defined as that level of production at which 

total cost equal total revenue, thus: 

(AD + ATVC)  =  RCS       (1) 

Where, 

AD = average annual amount of depreciation. 

ATVC = annual total variable costs 

R = annual production rate 

CS = specific selling price 

Other formulae define the Break-even points, BEP; 

BEP =   Total fixed cost   (2) 
               (1- variable cost) 
            Sales  
 

BEP  = Total fixed cost    (3) 
      Profit margin as % 

Information 

1) Tax holiday for first year of operation 

2) Design production rate, R΄ = 1,500m3/day 

3) Number of working days in a year = 300 

4) Annual production rate, R = 450,000m3/year 

5) Specific selling price  = 50k/liter 
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= N500.00/m3 

6) Cost of MSF = [3/4 x 200m1] = N 150m 

7) Maintenance cost = 7% of installed capital 

8) Full automatic control is assumed for the MSF plant. 

Cost of controllers range from 3 to 20% of the fixed capital cost, depending 

on the degree of automation2. 

Using 20% of installed capital, cost of controllers    =    20 x N150m 
               100 

        = N30m 

9) Operating labour = N2m/man-year 

Assuming that 30 people work on the plant as a whole,  

Operating labour cost = N (30 x 2000000) 

         = N60m 

Assumptions 

1) Life span of plant and controllers, 

s = 20 years. 

2) Scrap value of plant, S = 10% of installed equipment costs 

=   10   x 180m         = N18m 
     100 
 

= N18,000,000 

The annual amount of depreciation, AD is defined by the expression: 
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  AD = CFC – S 
   s 

Where CFC = fixed capital cost   

AD = N (180 – 18)m 
  20 

 AD = N8.1m 

Total Revenue, AS = RCS 

   = 1,500m3/day x 300 days x N500/m3 
           1Yr 

 As = N225m 

Fixed Costs: 

(a) Cost of MSF plant  = N150m 

(b) Cost of controllers  = N30m 
  Total   = N180m 

1st year, annual amount of depreciation,  

 AD  = N8.1m 

Variable Costs: (ATVC) 

(a) Maintenance costs = N12.6m 

i.e. (7/100 x N180m) 

(b)  Operating labour  = N60m 

ATVC = Total = N72.6m 

For the 1st year of operation, we have  
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Profit = Total revenue – Total costs 

   = N(225 -8.1 – 72.6)m 

   = N144.3m 

Profit = N144,300,000 

At the Break-even point, 

(I)  (AD + ATVC) = RCS 

 (8.1m + 72.6m) = R x 500 

 R = 161,400m3/year. 

Therefore daily production rate, 

 R΄ = 538m3/day. 

(II) BEP =      AD  = Total fixed costs 
  1-ATVC/AS  1 – Variable costs 
      Sales 

=        8.1m 
1 - 72.6m 

              225m 
 

 BEP   =  N11,958,700 

Using these values and the fact that only two points are needed to draw a 

straight line, we can construct the break-even chart: 
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Here the production rate at which profit just begins to accrue 

 = 161,400m3/year 

= 538m3/day 

4.4.2 Net Annual Profit After Tax (Annual) 

(Annual income tax, and tax on profit) 

Assuming no tax holiday for the first year; 

Annual Income Tax; AIT 

AIT = (ACI – AD – AA) t 

Where, 

t = fraction tax rate = 4% (Given) 

AA = any other cost allowance 

 (Assumed zero in this case) 

Loss 

Profit  

Total  
cost  

161,400m3 

Annual output 

AD 

ATVC 
AD 

N 11,958,700 

Annual 
cost 



158 
 

AD = N8.1m (from previous calculation) 

ACI = Annual income 

Defined by, (AS, ATVC as defined previously) 

ACI = AS – ATVC 

 = (225 –72.6) m 

 = N152.4m 

 AIT = (AS – ATVC – AD – AA) t 

AS = N225m 

ATVC = N72.6m 

AD = N8.1m; AA = 0; t = 4% 

AIT = N(225 – 72.6 – 8.1)m x (0.04) 

 = N5.772m 

Annual Net Cash Income; ANCI 

ANCI  = ACI – AIT 

 = N(152.4 –5.772)m 

 = N146.628m 

Net annual profit after income tax, 

ANNP is then found from the relation, ANNP = ANCI – ABD 

But, for no tax holiday, ABD = AD 

 ANNP = N (146.628 –8.1) m 



159 
 

  = N138.528m 

Profit tax = 47% of N 138.528m 

  = N 65.10816m 

 Net annual income after income and profit tax. 

   = N (138.528 – 65.10816) m 

 ANNP = N73.41984m 

 

4.4.3 Rate of Return on Depreciated Investment After Tax           

(Annual income tax and tax on profit). 

The fractional rate of return on depreciated total capital investment (at the 

end of the 10th year of operation) based on ANCI, is given by:   

i =             ANCI - ABD 
        P΄s + (CWC + CL) 

 ANCI  = ACI – AIT 

   = N146.628m 

ABD = (CFC – S)/s  = 8.1m 

P΄s = (CFC - S΄ ABD), CWC = ATVC 

      = book value of the fixed 

 Capital at the end of S΄ years 

ATVC = CWC = maintenance/operating cost. 

CL = cost of land (already accounted for in P΄s) 
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CFC = fixed capital cost   

  = N180m 

  i =        (146.628 –8.1) m 
           (180- 10 (8.1) + 72.6) m 

 i = 0.8072727 

Or i = 80.73% 

And, the rate of return on depreciated total capital investment after tax on 

profit at end of 10th year, 

i * = (ANCI – ABD)        (1- 0.47) 
        P΄S + (CWC + CL) 

 = 80.727 x 0.53 
  100 
 i*  = 0.4278531   or i* = 42.80%. 

4.5 INSTRUMENTATION AND CONTROL 

Process control and automation together with their associated 

instrumentation, can be considered as the mechanical brain and nerves of 

modern chemical processing. Instruments are used in the chemical industry 

to measure process variables such as temperature, pressure, density, 

viscosity, specific heat, conductivity, pH, humidity, dew point, liquid level, 

flow rate, chemical composition, and moisture content etcetera. 
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By use of instruments having varying degrees of complexity, the values of 

these variables can be recorded continually and controlled within narrow 

limits.1 

Automatic control has been accepted generally throughout the chemical 

industry, and the resultant savings in labour, contained with improved ease 

and efficiency of operation has more than offset the added expense for 

instrumentation. 

Mechanical and electrical error detecting elements or controllers are 

frequently used in closed-loop control to give fully automatic process 

control system. 

Negative feedback control and cascade control are two examples of closed-

loop control which have wide applications in industry, and have been used, 

side by side with manual control, throughout this design project 

4.5.1Negative feedback Control 

There are several universal features of a block diagram for a feedback 

system. The input or “set point” is the desired value of the output or 

‘controlled’ variable. The difference between the set point and the controlled 

variable is the ‘error’. The controller operates on the error and produces an 

output, which is normally a pneumatic or electrical signal. This signal 

actuates a valve, in turn manipulating the flow of some stream. 
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This flow rate is the “manipulated variable” and it is changed in a direction 

so as to cause the controlled variable to move towards the set point. 

Merits 

Among the advantages of negative feedback are; increased accuracy, 

reduced sensitivity to variation in system characteristics, reduced sensitivity 

to load variation, increased bandwidth, and reduced sensitivity to extraneous 

disturbances. 

4.5.2 Cascade Control 

A cascade control loop has two feedback controllers with the output signal 

of the “master” controller going to the set point of the “slave” controller. 

The output of the slave controller goes to the control valve, as shown in 

figure. 

The question may be asked why use cascade control? And when? 

The primary purpose of cascade control is to eliminate the effect of minor 

disturbances before they get transmitted through the system. Use of cascade 

control is recommended when one of the following factors is present: 

(a) The process reacts slowly to a change in the valve position. 

(b) The recording pen drifts around the set valve. 

(c) If one (or more) of the variable factors (temperature, pressure, or flow) 

being directly related to the set value can be disturbed. 
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Merits 

A well planned cascade control has three main advantages over single-loop 

control. 

(1) Very strong reduction (even to zero) of deviation around the set point. 

(2) The primary variable (temperature of the outgoing heated medium) 

will line out fast after a change of set point value. 

(3) The set point of the secondary loop can be provided with limit stops 

and alarms. 

 

4.6 ADVANTAGES AND DISADVANTAGES 

Advantages  

· Distillation offers significant savings in operational and maintenance costs 
compared with other desalination technologies.  

· In most cases, distillation does not require the addition of chemicals or 
water softening agents to pretreat feedwater.  

· Low temperature distillation plants are energy-efficient and cost-effective 
to operate.  

· Many plants are fully automated and require a limited number of personnel 
to operate.  

· Distillation has minimal environmental impacts, although brine disposal 
must be considered in the plant design.  

· The technology produces high-quality water, in some cases having less 
than 10 mg/1 of total dissolved solids.  

· Distillation can be combined with other processes, such as using heat 
energy from an electric-power generation plant. 
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Disadvantages  

· Some distillation processes are energy-intensive, particularly the large-
capacity plants. Disposal of the brine is a problem in many regions.  

· The distillation process, particularly MSF distillation, is very costly.  

· Distillation requires a high level of technical knowledge to design and 
operate.  

· The technology requires the use of chemical products, such as acids, that 
need special handling. 
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CHAPTER FIVE 

CONCLUSION AND RECOMMENDATIONS 

5.1 CONCLUSION 

Water demineralization processes differ not only in the driving force but also 

in the water quality obtained. The energy consumption of the different 

methods depends on the quality of the water produced and the feed water 

composition. Water deionization generally intends to produce drinking 

water, whose composition is given in the WHO standard table as presented 

in Chapter 4.  

The basic technology of modern large scale MSF is similar to the early units. 

However, improvements were implemented in recent years such as the 

development of On-Line Ball Cleaning System, Scale Control Techniques, 

Corrosion Resistant Materials and increase of unit capacity. A typical power 

and desalination plant would have several distillation units with a very large 

combined output volume. 

The production cost of water is a function of the type of distillation process 

used, the plant capacity, the salinity in the feedwater (seawater or brackish 

water), and the level of familiarity with the distillation process that exists in 

the region. Production costs appear to increase in proportion to the capacity 
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of the plant. In many applications, distillation provides the best means of 

achieving waters of high purity for industrial use: for volumes of less than 

4000 m3/day, the Vapour Compression (VC) process is likely to be most 

effective; above that range, the MSF process will probably be preferable.  

 

The mass and energy requirements for the production of 1,500m3 of potable 

water daily have been presented. Based on economic and optimization 

consideration, the number of flash stages capable of handling this duty is 20. 

Even though theoretical, the annual net income of N73.41984 million is 

feasible and attainable.  

 

Also, the break Even Point Analysis predicts N11,958,700 corresponding to 

a production rate at which profit begins to accrue at 538m3/day. 

The result of the Annual Net Profit is N73.42 million, and ROR is 42.80%. 

On the overall, the analysis looks attractive.  
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5.2 RECOMMENDATIONS 
 

Operation and Maintenance  

Most plants are installed in isolated locations where construction is 

troublesome and where the availability of fuel, chemicals, and spare parts is 

limited. In these places, there is usually also a scarcity of qualified 

personnel; therefore, people should be selected from the local communities 

and trained to operate the plants. The operation of distillation plants requires 

careful planning, well-trained operators, and adequate operation and 

maintenance budgets to guarantee the supply of good quality water. Except 

for an annual shutdown of 6 to 8 weeks for general inspection and 

maintenance, the operation of desalination plants is usually continuous. 

Maintenance and preventive maintenance work, for a MSF plant, consists of:  

· Repairing damage (cracks) to the stainless steel liners in the stages.  

· Removing scale and marine growths in the tubes in all stages using high 

pressure "hydrolaser" sprayers.  

· Removing the vacuum system ejectors for cleaning, inspection, and 

replacement as necessary; most parts have a lifetime of 3 to 4 years.  
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· Inspecting all pumps and motors, replacing bearings and bushings, and 

renewing protective coatings on exposed parts (e.g., pumps must be primed 

and painted before being installed). 

Level of Involvement  

The manufacturing capacity to produce MSF evaporators is available in 

those places where power plant equipment is fabricated. Thus, Nigeria may 

not have the potential to manufacture locally the equipment needed to 

develop desalination plants. Further, some local manufacturers can sign 

licensing agreements with major foreign desalination manufacturing firms as 

a kind of governmental policies of import substitution, in order to offer 

desalination equipment, particularly MSF plants, to the electric-generating 

industry in the region. In other words, the concept of combined Power and 

MSF plants is highly recommended. 

In Nigeria, desalination by distillation is being used primarily in the private 

sector. Some industrial concerns and power companies should incorporate 

distillation into their operations as part of a dual process approach. 

Government participation has been very limited. Future developments of this 

technology, which are expected to reduce the cost of desalination plants, will 
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be likely to encourage greater government participation in the use of 

distillation in the development of public water supply systems.  
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Appendix 

Sample calculations 

The masses of vapour flashed in the flash evaporators as tabulated are 

obtained as follows: 

For stage 1 with number of stages = 20 

T1 = stage 1 temperature    = 950C  

TO = temperature of brine solution from external heater = 980C 

At TO, Po = partial pressure of vapour 

    = 0.925 bar 

At T1, P1 = 0.86 bar. 

From hsoln = hf  + xhfg 

Where x = dryness fraction of vapour  

 hf = enlthalpy of brine solution (liquid) 

hfg = enlthalpy of vapourization 

 

On the assumption that the steam from the external heater contains no 

vapour, 

 hsoln  = hf  T= 98
0

C 

  = hf P= 0.925 bar 

  = 408 KJ/kg. 

At T1, P = 0.86 bar, 

 hf = 400.2KJ/kg, hfg = 2268.4 KJ/kg 

On the basis of 1kg of brine soln, the dryness fraction for stage 1, 

   x1 = hsoln – hf = 408 – 400.2 

      hfg   2268.4 

  = 0.003439 

From Vx = Vf  + xVfg at P <<< 40 psis, Vx  xVfg. 
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and Vfg P=0.86 bar = 1.9514m3/kg. 

 Vx = 0.003439 x 1.9514 

  = 0.006711m3 

The mass of vapour formed is determined from the equation 

 m = PVx 

  RT 

with P in atm ( bar), V in m3 and T in 0K 

 R = gas constant = 0.08205 atmm3 
                    Mole 0K 

Here P = 0.86 bar 

Vx = 0.006711m3 

T = 950C (368k) 

 m = PVx 
    RT 
  = 0.86 x 0.006711 

      0.08205 x 368 

 m = 1.9114 X 10-4 MOLE 

           = 0.00344kg 

 

Calculation of mean heat capacity 

In literature 

 Cp = a + bT  + CT2 

For CaCO3, Cp = 19.68 + 0.01189T – 307600T-2 

Mean Cp is given by the expression  
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                      =         
              
 

 CaCO3 =        (19.68 + 0.01189T  - 307600T-2) dT 

    

      

 

 = 19.68 (T2 – T1) + 0.01189 (T2
2 – T1

2) + 307600 (1/T2 - 1/T1) 
             2 
    (T2 – T1) 

Between T1 = 1100C, T2 = 950C 

 (CP) CaCO3 = 19.68 + 0.01189 (T2 + T1) 
            2 

   + 307600 (1/T2 – 1/T1) 
     T2 – T1 

  = 19.68 + 0.0118 9  (95 + 110) 
    2 

    + 307600    1   - 1 
             95     110 
             (95 – 110) 
   

= 21.962268 cal/0C mole. 

 

 

T1 

T2 

T2 

CpdT 

dT 
T1 

CP 

CP T2 
T1 

T2 dT 
T1 
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                APPENDIX 2: QUALITATIVE BLOCK DIAGRAM OF THE DESALINATION PLANT 
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APPENDIX 3: QUANTITATIVE BLOCK DIAGRAM OF THE 
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